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Abstract

Methanol production via CO:. hydrogenation is an efficient alternative for
supporting energy sustainability and reducing carbon emissions; however,
conventional processes still face limitations in energy efficiency and resource
utilization. This study aims to optimize the methanol production process through the
integration of heat recovery, compressor energy utilization, and water recycling.
Simulations were conducted using Aspen HYSYS by comparing baseline process
conditions with modified process conditions under the same operating conditions. The
results show that integrating heat from the reactor effluent and the cooling unit
reduces external energy requirements, while the water recycling system successfully
reduces fresh water usage by up to 100%. Additionally, heating energy requirements
decreased by 27.21%, and compressor energy needs were fully met through internal
energy recovery. From an economic perspective, significant operational cost savings
were achieved, particularly in steam consumption, without compromising product
quality, as methanol purity remained at 97.91%. Overall, the integration of mass and
energy in this process has proven capable of improving efficiency, reducing costs, and

supporting the sustainability of CO. -based methanol production.
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1. Introduction

Natural gas is one of the dominant energy resources worldwide, with demand
projected to increase by approximately fifteen percent by 2025 [1]. It primarily
consists of methane, along with smaller amounts of ethane, propane, heavier
hydrocarbons, and impurities such as N,, CO,, H,S, water vapor, and mercaptans.
Among these, CO, and H,S, commonly referred to as acid gases, must be removed to
prevent corrosion, reduce environmental and health impacts, and improve the
calorific value of the gas [2]. This purification step, known as natural gas sweetening,
1s essential in gas processing to meet safety standards, regulatory requirements, and
product specifications. The most widely applied method for acid gas removal is
absorption—desorption using aqueous alkanolamine solvents due to its cost
effectiveness, high chemical reactivity, and adaptability to varying feed compositions
[3]. However, this process is energy intensive, particularly during solvent
regeneration for high acid-gas streams. In addition, the separated acid gases pose
environmental challenges, prompting mitigation strategies such as carbon capture
and sulfur recovery, as well as alternative utilization routes converting them into
value added products like syngas for methanol production [4].

Methanol is a versatile chemical that can be utilized as a fuel substitute or
additive, either in fuel cells or through direct combustion, as well as a feedstock for
producing base chemicals such as formaldehyde and liquid fuels including gasoline,
oxymethylene ethers, and jet fuel, in addition to its role as a solvent [5]. Reflecting
its broad applicability, the global methanol market is projected to grow from 115.92
million tons in 2025 to 143.74 million tons by 2031, with a compound annual growth
rate of 3.65% [6]. In conventional processes, methanol is produced from syngas
through CO and CO, hydrogenation accompanied by the reverse water gas shift
reaction, using CuO/Zn0O/Al,O; as the catalyst [7].

Existing studies on CO: utilization for methanol production have primarily
focused on catalyst development, thermodynamic limitations, and reaction kinetics

to improve conversion and selectivity [8]. In parallel, process design and optimization



studies have investigated methanol synthesis through strategies such as heat
integration, recycle configuration, and operating condition optimization to enhance
energy efficiency [9]. However, most of these approaches are applied individually and
are limited to partial system boundaries, particularly without simultaneous
consideration of reactor heat recovery, compressor work integration, and cooling
utility optimization within a unified framework. As a result, the potential for
comprehensive energy optimization across interconnected process units remains
insufficiently explored.

To address this gap, this study develops an integrated process simulation for
methanol production using CO, derived from natural gas sweetening, with a focus on
system-level energy optimization. A unified process configuration is employed to
evaluate the combined effects of reactor heat recovery, compressor integration, and
cooling water reuse on overall energy performance. This framework enables
systematic reduction of energy demand through coordinated interaction between
process units, rather than isolated optimization of individual subsystems.
Accordingly, the objective of this study is to assess the impact of integrated energy
optimization on the performance and efficiency of COz-based methanol production

systems.

2. Methods

2.1. Methanol Production Process

The CO, utilized for methanol synthesis in this study is sourced from the
natural gas sweetening process. The feed gas composition, as shown in Table 1,
consists predominantly of methane along with light hydrocarbons, acid gases (CO,
and H,S), and minor impurities such as nitrogen and water. As illustrated in Figure
1, the process was simulated using Aspen HYSYS to represent the absorption—
regeneration system. The gas stream is introduced into an absorber column, where it
1s contacted counter-currently with an aqueous solution of methyldiethanolamine
(MDEA) at 20 wt% diluted in 80 wt% water [10].

MDEA is selected due to its high selectivity toward acid gases and its relatively

low regeneration energy requirement compared to primary and secondary amines,



making it suitable for energy-efficient gas sweetening processes [11]. Within the
absorber, the amine selectively removes acid gases, primarily CO, and H,S,
producing a sweetened natural gas stream with reduced impurity levels. The
resulting rich MDEA solution is then sent to a regeneration unit, where it is heated
to release the absorbed gases. During this step, CO,, H,S, and trace amounts of co-
absorbed components such as nitrogen and light hydrocarbons are desorbed. The
recovered CO, stream is subsequently separated and directed as a feedstock for
methanol synthesis, establishing an integrated pathway between natural gas
sweetening and CO, utilization [11].

Methanol is produced via the catalytic hydrogenation of carbon dioxide, a
reaction system increasingly recognized for its relevance to carbon capture and
utilization (CCU) and sustainable fuels production. Industrial methanol synthesis
operates in the gas phase within high-pressure fixed-bed reactors, typically
employing metal-oxide catalysts capable of activating CO: under moderate
temperatures and elevated hydrogen partial pressures [12]. Modern process designs
emphasize operation between 220-280°C, where a balance is achieved between
kinetic activity and the thermodynamic constraints associated with COz conversion.

Under these operating conditions, CO: hydrogenation proceeds through a
network of parallel and consecutive reactions. The primary and desired pathway
leads to methanol formation, while the reverse water-gas shift (RWGS) reaction can
also occur, producing CO as an intermediate species. The generated CO may
subsequently undergo hydrogenation to methanol, contributing to overall methanol
formation. These reactions can be expressed as follows [12].

COz2 hydrogenation (methanol synthesis):
CO2 + 3Hz — CHs0H + H20 AH® 595x= -49.5 kJ/mol (1)
Side reaction (reverse water-gas shift, RWGS)
COz + Hz2 — CO + H20 AH? ,g5x= +41.2 kJ/mol (2)
Side reaction (CO, hydrogenation)
COz + 2H2 — CH4 + 2H20 AG® 298k= -130.8 kd/mol (3)

Over a particle bed of a zirconia-based catalyst, reactor performance was

represented based on experimental data reported by Yang et al. [13] at an operating

pressure of 50 bar and a temperature of 250°C. Under these conditions, a CO,



conversion of 15% was assumed for the CO, hydrogenation reaction (Eq. 1), 10% for
the RWGS reaction (Eq. 2), and 50% for the CO hydrogenation to methanol reaction
(Eq. 3). In each simulation run, the molar ratio of H, to CO, at the reactor inlet was
maintained at a constant value of 3:1 in accordance with the stoichiometric
requirement of methanol synthesis.

The conceptual development of CO,-to-methanol process flowsheets has
expanded rapidly in recent years due to advances in catalyst technology and the
integration of green hydrogen. Recent studies have focused on optimizing process
configurations to improve thermal management, energy integration, and CO,
conversion efficiency, including the implementation of reactor—separator loop designs
and hybrid catalytic-electrolytic systems. Similar to conventional syngas-based
methanol plants, CO,-based systems typically incorporate recycle loops to enhance
single-pass conversion, given the thermodynamic limitations associated with reaction
(1).

Industrial reactor configurations generally operate at pressures between 20 and
55 bar to overcome these equilibrium constraints. Elevated pressure promotes
methanol formation because the main synthesis reaction results in a net reduction in
gas-phase moles. In contrast, reaction temperatures are intentionally limited to
prevent the equilibrium from shifting toward the reverse water—gas shift (RWGS)
pathway (reaction 2). Catalyst thermal stability and the inhibitory effect of water
further restrict the upper temperature limit, leading most systems to avoid operation
above 300°C to preserve both activity and selectivity. As indicated by the kinetic
analysis, the RWGS reaction exhibits a lower activation energy compared to
methanol synthesis, causing CO formation to dominate at higher temperatures. The
subsequent hydrogenation of CO provides an additional route for methanol formation
under suitable operating conditions [12]. Consequently, optimal selectivity toward
methanol is achieved by maintaining moderate temperatures, ensuring sufficient
hydrogen availability, and minimizing the accumulation of water within the reaction
environment.

The Cu/ZnO/Al,O3 catalyst system, which remains the industrial benchmark for
methanol synthesis, is widely recognized for its high activity and stability under

conventional operating conditions. In this catalyst, Cu sites serve as the primary



active phase for CO and CO, hydrogenation, while ZnO and Al,O; function as
structural and electronic promoters that enhance metal dispersion, thermal stability,
and resistance to sintering. Despite its proven industrial robustness, the
Cu/Zn0O/Al,O; catalyst system faces inherent challenges under CO,-rich feeds,
particularly due to water formation and the promotion of the reverse water—gas shift
reaction, which can reduce methanol selectivity and accelerate catalyst deactivation.
Nevertheless, its extensive industrial utilization and well-established kinetic
behavior make Cu/Zn0O/Al,O; a suitable benchmark catalyst for process modeling and

reactor level optimization studies.

2.2. Thermodynamic and Reaction Pathway Analysis

The thermodynamic analysis of the CO, conversion system presented in the
study relies on the standard Gibbs free energy of reaction at 298 K (AG:, »ogk). Data
AG’fy9gx Of each component to determine AG: at 298K [14]. [4] The value of

AG’, 59k for the reaction is obtained by:
AG r 298K— Z AG f 298K product™ Z AG f 298K reactant (4)

AG'y 205k= (G} g5 cpp o + AC 1208k H,0)-(AG 595k 00, PAC £208K H,)
AG’, 50sk=[(-162.2)+(-228.6)]-[(-394.4)+3(0) ] kJ/mol
AG’, 998x= +3.6 kJ/mol

The value of AH'; ,0gk for the reaction is obtained by:
AH r 298K— Z AH f 298K product™ Z AHof 298K reactant (5)
AH r 298K= (AH r 298K CH5O0H +AH r 298K HQO)-(AH r 298K C02+AH r 298K HZ)

AH' | 508x= [(-200.9)+(-241.8)]-[(-393.5)+3(0)]kJ/mol
AH’, 595x= -49.2 kJ/mol
These data indicate that, under standard conditions, certain pathways exhibit
favorable thermodynamic tendencies while others remain non-spontaneous. The
equilibrium constant at 298 K is determined from these values through the standard

thermodynamic relationship:

_ Gy s0sK
In Kaos = - RT (6)

For the dominant route, the evaluation yields:



- (+ 3600 i)

mol
In K298: J
8.314 m x298 K
In K298 =-1.45
K298 =0.23 (7)

The resulting value suggests that, at standard temperature, The reaction
exhibits limited thermodynamic favorability under standard conditions and remains
close to equilibrium. To evaluate the effect of temperature on equilibrium, the

integrated van’t Hoff equation is applied:

Kr\_ AH, (1 1
In () = 7 (z°7) ®)
The standard enthalpy change used is AH, = -49.2 kJ/mol [12]. Substitution into

Eq. (2) at a representative operating temperature of 523 K gives:

ln <K523) — -49200 J/mol (L \ L) (9)
0.23 8.314 J/(mol - K) \298 523

Ks2s= 4.4 x 10? (10)

This marked reduction in the equilibrium constant at elevated temperature
highlights the strong thermodynamic limitation imposed on the system at
industrially relevant conditions. As such, elevated pressure is required to counteract
equilibrium constraints and sustain appreciable conversion levels [15].

Despite the thermodynamic tendencies indicated by the equilibrium analysis,
the actual methanol formation is also influenced by reaction pathways under
industrial conditions. Experimental data over a zirconia-based catalyst bed at 50 bar
and 250°C indicate that CO, hydrogenation to methanol achieves a relatively low
conversion of 15%, while the reverse water-gas shift reaction reaches 10%, and CO
hydrogenation to methanol shows a significantly higher conversion of 50% [16]. This
disparity suggests that the indirect pathway via CO plays a dominant role in
methanol formation. Consequently, maintaining an appropriate hydrogen supply
becomes essential to drive the reaction toward methanol production. Therefore, an
inlet H, to CO, molar ratio of 3 to 1 is commonly employed to ensure sufficient

hydrogen availability and to enhance overall conversion.

2.3. Process Simulator Tool

The methanol production process through CO, hydrogenation was simulated



using Aspen HYSYS V15. This simulation enables integrated modeling of chemical
reactions, thermodynamic equilibrium, and unit operations within a complex process
system. The selection of fluid packages is a crucial step, as it determines the accuracy
of phase equilibrium predictions, thermodynamic properties, and physical
characteristics of mixtures. In this simulation, three fluid packages were applied
according to the characteristics of each process stage.

Acid Gas Treatment employed Methyl diethanolamine (MDEA), chosen because
it 1s tertiary alkanolamine and the most used agent in acid gas processing. As a
tertiary amine, MDEA is highly selective toward H,S, a component that must be
completely removed in the process [15]. Peng-Robinson EOS (PR EOS) was used in
the compression stage and CO, hydrogenation reactor due to its accuracy in
predicting the thermodynamic properties of light gas mixtures under high pressure.
PR EOS supports the estimation of phase equilibrium, mixture energy, and reaction
enthalpy under conditions of 50-100 bar and 200-300°C [17]. The final model, NRTL
(Non-Random Two Liquids), was applied to methanol-water distillation because this
binary system is highly non-ideal due to hydrogen bonding. Based on activity
coefficients, NRTL is more accurate than PR EOS in predicting vapor-liquid

equilibrium, relative volatility, and dew points of the mixture [18].

2.4 Mass & Energy Optimization Method

Mass and energy optimization in chemical process systems can be effectively
achieved through the integration of recycle streams and heat recovery strategies
within the process flowsheet. In the modified configuration, process streams that still
contain valuable components or thermal energy are not discharged but instead
redirected for reuse [19]. From a mass perspective, recycle streams are introduced to
recover unutilized materials and reduce the demand for fresh feed or utility streams.
For instance, process water or working fluids that have undergone temperature
changes can still be reused as modified streams to replace unmodified utility water,
thereby minimizing fresh water consumption. The effectiveness of this mass

optimization approach can be evaluated using the following expression:

unmodified Mmodified

Water Saving (%) = = (11)

Mynmodified

This approach is consistent with recent developments in process integration,



where closed-loop systems are designed to maximize internal resource utilization and
reduce waste generation. Studies have shown that integrating water reuse networks
with process systems can significantly reduce freshwater demand and operational
costs while improving environmental sustainability [17]. By implementing such
recycle strategies, the process achieves higher material efficiency, reduces
dependency on external utilities, and enhances overall process performance. In
addition to mass optimization, energy efficiency is improved through the recovery and
reutilization of heat from high-temperature process streams. Thermal energy from
reactor effluent or high-pressure steam (HPS) conditions can be transferred via heat
exchangers to preheat incoming streams or supply energy to other process units,
thereby reducing the need for external heating utilities. Although the total heat duty
required by the system remains constant, the substitution of external utilities with
internally recovered heat leads to significant cost savings. The reduction in utility

energy consumption can be quantified as:

) - Qunmodiﬁed'Qmodiﬁed

Energy Saving (% (12)

Qunmodified

This method reflects the principles of heat integration, where energy is
conserved by matching hot and cold streams within the process. Previous studies
have demonstrated that heat recovery systems can substantially reduce energy
consumption and operating costs in industrial applications [19]. For example, the
implementation of waste heat recovery technologies has been reported to achieve
energy savings of up to 16.1% compared to conventional systems, depending on
process configuration. In addition, heat recovery efficiency can reach values above
60%, indicating a significant improvement in thermal utilization. Furthermore,
modified configurations such as multi-stage heat recovery systems have been shown
to enhance net heat recovery by more than 20% compared to baseline designs [20].
These findings clearly confirm that modified processes incorporating heat integration
are more energy efficient than unmodified systems. Therefore, the combined
implementation of mass recycle and heat recovery provides a comprehensive
optimization strategy that enhances both economic efficiency and sustainability in

chemical process design.



3. Results and Discussion

3.1. Comparison Between Basic and Modified Processes

The simulations of both the baseline and modified methanol production
processes were carried out using Aspen HYSYS to evaluate the impact of mass and
energy optimization strategies. In the baseline configuration, process heating is
primarily supplied by external utilities, particularly high-pressure steam (HPS), to
achieve the desired reactor inlet temperature. The reactor operates at 250°C and 50
bar, which are within the typical industrial range for methanol synthesis, producing
a final methanol purity of 97.91% after downstream purification. However, in this
conventional configuration, the heat released from exothermic reactions and cooling
processes 1s not effectively utilized and is instead rejected to the environment,
resulting in inefficient energy utilization. Additionally, utility water is consumed
directly without internal reuse, leading to higher overall resource demand. The
overall structure of the unmodified process is presented in Figure 2.

In contrast, the modified process, as illustrated in Figure 3, introduces an
Iintegrated heat and mass recovery network designed to enhance overall process
efficiency. Several key heat integration strategies were implemented across major
equipment units. First, Heat Exchanger (E-100) is optimized by utilizing the cooling
water outlet from Heat Exchanger (E-101) as a secondary thermal resource. This
cascading heat utilization reduces the requirement for fresh cooling water in E-100,
thereby significantly decreasing utility water consumption. Second, Heat Exchanger
(E-102) recovers heat released from the reactor conversion section and redirects it for
feed preheating, which reduces dependence on external heating utilities such as high-
pressure steam. Third, Compressor (K-102) partially utilizes recovered energy from
Cooler (E-105), where waste thermal energy is converted into useful process energy,

1mproving overall system efficiency.

3.2. Mass & Energy Efficiency

A significant improvement in mass efficiency is observed through the
implementation of a water recycle system in heat exchanger E-100. As indicated in
Table 2, the total process water requirement remains unchanged at 1213 kg/h in both

configurations; however, the source of this water differs fundamentally. In the



baseline case, the entire demand is supplied by fresh utility water, whereas in the
modified process, this requirement is completely fulfilled by recycled water from the
outlet of heat exchanger E-101. This results in a 100% reduction in fresh water
consumption, demonstrating the effectiveness of internal stream reuse in minimizing
external resource dependency. Such a closed-loop approach reflects an optimized
mass integration strategy, where process streams are systematically reused to
enhance overall efficiency without altering operational demand.

Energy optimization is further achieved through the integration of heat recovery
in heat exchanger E-102. As shown in Table 3, both configurations operate under
1dentical thermodynamic conditions, with a temperature of 250°C, a pressure of 55
bar, and a fully vapor-phase stream. Despite these similarities, a notable reduction
in mass flow rate is observed, decreasing from 4786.90 kg/h in the unmodified process
to 3484.10 kg/h in the modified configuration, corresponding to a reduction of 27.21%.
This reduction indicates that part of the heating requirement is satisfied by
internally recovered thermal energy, thereby reducing the reliance on external
heating utilities. The ability to maintain the same operating conditions while
lowering the required input highlights the effectiveness of heat integration in
1mproving energy utilization within the system [21].

Further enhancement is evident in the energy supply strategy of compressor K-
102. According to Table 4, the required heat duty remains constant at 204,156.84
kd/h, indicating that the operational demand of the unit is unchanged between the
two configurations. However, the origin of this energy undergoes a complete
transformation. In the baseline process, the compressor relies entirely on external
utilities, whereas in the modified configuration, the required energy is fully supplied
by recovered heat from unit E-105. This represents a 100% substitution of external
energy, illustrating a successful transition from utility-dependent operation to
internally sustained energy utilization. Such a shift not only improves process
efficiency but also reduces operational reliance on external energy sources.

Taken together, the integration of water recycling, heat recovery, and energy
source substitution demonstrates a comprehensive improvement in both mass and
energy efficiency. The elimination of fresh water usage, reduction in heating demand,

and complete replacement of external energy in the compressor collectively indicate



a more sustainable and resource-efficient process design. Importantly, these
enhancements are achieved without altering operating conditions or compromising
process performance. The stability of the system is further confirmed by the final
product specification, where methanol purity is maintained at 97.91%, indicating
that the applied optimization strategies do not adversely affect product quality while

significantly improving overall process efficiency [22].

3.3. Cost Efficiency Analysis Based on Mass and Energy Optimization

Table 5 presents the estimation of steam production cost using the boiler cost
correlation reported in [21], which is derived from an overall energy balance around

the boiler. The fuel cost component for steam generation is calculated using:

Hs'hw
1000ng

Cp=apX (13)

where ar is the natural gas price (2.6702 $/MMBtu from [23]), Hs is the enthalpy of
saturated steam, hw is the enthalpy of boiler feedwater, and nB is the boiler efficiency.
Based on the given thermodynamic data and a boiler efficiency of 0.8, the calculated
fuel cost 1s 8.7 $/1000 Ib of steam. The total steam production cost is then estimated
using [23]:

Cg =Cy(1+0.3) (14)
which accounts for additional operating and maintenance expenses equal to 30% of
the fuel cost. Using this approach, the final steam cost is obtained as 11.31 $/1000 lb.

The impact of this steam cost is further reflected in the economic performance
of the heat exchanger network, particularly in Heat Exchanger E-100, which utilizes
high-pressure steam (HPS). As shown in Table 6, the modified process significantly
reduces the steam consumption from 4786.90 kg/h to 3484.10 kg/h, corresponding to
a reduction of approximately 27.2%. This reduction directly lowers the operating cost
from 1,002,815.92 $/year to 729,890.85 $/year, resulting in an annual cost saving of
272,925.08 $/year. This demonstrates that mass and energy optimization effectively
minimizes utility demand, especially for high-cost utilities such as steam.

In addition to steam, cooling water requirements are also evaluated, as shown
in Table 7 for Heat Exchanger E-102. The cooling water flowrate is relatively small
at 1213 kg/h, with a unit cost of 0.0000373 $/kg [24] , resulting in a negligible

operating cost of only 380.06 $/year. This indicates that, compared to steam, cooling



water does not significantly contribute to the overall utility cost and therefore has a
minimal impact on economic optimization.

Lastly, the electricity consumption associated with Compressor K-102 is
presented in Table 8. The compressor requires a power input of 56.71 kWh, leading
to an operating cost of 85,745.88 $/year at an electricity price of 0.18 $/kWh [25].
Although this cost is lower than the steam-related expenses, it still represents a
considerable portion of the total utility cost and should be included in the overall
economic evaluation. Overall, the results indicate that steam consumption dominates
the utility cost structure; therefore, optimization strategies focusing on heat
integration and steam reduction provide the most significant economic benefits. The
overall utility cost savings achieved through these optimizations are summarized in

Table 9.

4. Conclusion

The modification of the methanol production process successfully improves mass
and energy efficiency through heat integration, water recycling, and energy recovery.
The results show a 100% reduction in fresh water usage and a 27.21% decrease in
heating demand in Heat Exchanger E-102, while maintaining the same operating
conditions. In addition, the energy requirement of Compressor K-102 is fully supplied
by recovered heat, achieving complete substitution of external energy. From an
economic perspective, steam dominates the utility cost, with a value of 11.31 $/1000
Ib. The reduction in steam consumption leads to a significant annual cost saving of
272,925.08 $/year, while cooling water and electricity contribute relatively minor
costs. Importantly, these improvements are achieved without compromising product
quality, with methanol purity remaining at 97.91%. Overall, the modified process is
more efficient and sustainable, demonstrating that heat integration and resource
optimization effectively reduce utility consumption and operating costs in methanol

production.
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Figure 1. Simulation using Aspen HYSYS of natural gas sweetening
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Figure 2. Methanol production using Aspen HYSYS of (basic) unmodified process
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Figure 3. Methanol production using Aspen HYSYS of modified process



Table 1. Natural gas composition

Component Mole Fraction

Methane 0.8692
Ethane 0.0393
Propane 0.0093
1-Butane 0.0026
n-Butane 0.0029
1-Pentane 0.0014
n-Pentane 0.0012
n-Hexane 0.0018
Nitrogen 0.0016
H2S 0.0172
CO2 0.0413

H20 0.0122




Table 2. Comparison of water consumption (HPS) and savings between unmodified
and modified processes (E-100)

Heat Exchanger (E-100)

Unmodified Modified
Parameter Inlet Stream Inlet Stream Remarks
(CW-1 In) (CW-2 Out)
Total process water Constant
1213 1213
requirement (kg/h) demand
- Supbﬁeﬁ from
Water (unmodified ) (kg/h) 1213 0 v
utilities
Recycled water (modified) " From E-101
0 1213
(kg/h) outlet
\Y Reduction in
Fresh water saving
0 1213 utility
(kg/h) .
consumption
A Ideal
condition (no
Saving percentage (%) - 100%

losses

considered)




Table 3. Comparison of stream properties in heat exchanger E-102

Heat Exchanger (E-102)

Unmodified Modified
Parameter Inlet Stream Inlet Stream Remarks
(HPS In) (TOP)
Vapor Phase ) ) Fully vapor phase

Fraction

Target temp;rtature
Temperature (°C) 271,2680054 271,2680054

achieved
Opgrating pressure
Pressure (bar) 55 55 o
maintained
Molar Flow "~ Reduced due to heat
265,7157127 193,3988731
(Kmol/h) recovery
Mass Flow 7 Lower fresh feed
4786,895263 3484,100132 .
(kg/h) requirement
Saving WY Ideal condition (no losses
27.21%

percentage (%) ) considered)




Table 4. Comparison of energy source and heat duty in compressor K-102

Compressor (K-102)

Parameter Unmodified Modified Remarks
Heat Flow (kdJ/h) 204,156.84 204,156.84 Same energy requirement
E-105
. Shift from external to
Energy Source Utility (Recovered
internal source
Heat Duty)
Saving Ideal condition (no losses
100%

percentage (%)

considered)




Table 5. Steam Cost Calculation Based on Natural Gas Fuel

Calculation of steam cost

Fuel type Natural Gas

Fuel cost aF 2,6702 $/MMBtu
Enthalpy of steam Hs 2643,1965 Btu/lb
Enthapy of boiler feedwater hw 36,1

Boiler efficiency eta 0,8

Fuel cost CF 8,70 $/10001b

Steam cost CG 11,31 $/10001b




Table 6. Comparison of High-Pressure Steam (HPS) Cost for Heat Exchanger E-100

in Unmodified and Modified Processes

HPS cost (Heat Exchanger E-100)

Parameter (Unmodified) Modified
Mass flow (kg/h) 4786,8953 3484,1001
(Ib/h) 10553,285 7681,117
Price ($/h) 119,383 86,892
($/yr) 1002815,923 729890,8453

Cost saving ($/yr)

272925,0775




Table 7. Cooling Water Cost for Heat Exchanger E-102
Cooling Water (E-102)

Mass Flow (kg/h) 1213
Cooling water cost ($/kg) 0,0000373
Price ($/h) 0,0452

($/yr) 380,0572




Table 8. Electricity Cost for Compressor K-102

Compresor K-102

Heat Flow (kd/h) 204,156.84

(kwh) 56,7102
Electricity cost ($/kwh) 0,18
Price ($/h) 10,2078

($/yr) 85745,8797




Table 9. Total Utility Cost Savings from Process Integration

Total Cost Saving

HPS saving E-100 ($/yr) 272925.0775
Compresor K-102 ($/yr) 85745.8797
Cooling Water E-102 ($/yr) 380.0572

Total ($/yr) 359051.0143
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