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Abstract

A simple model (Continuous Stirred-Tank Reactor) has been developed to predict the behavior of industrial ethylene
oxychlorination fluidized beds operating in a turbulent regime. The approach showed good agreement both with results
from industrial reactors and with those corresponding to the (Simple two phases-Plug bubble-Mixed flow emulsion
approach) validated in the literature. For low flow rates, the use of the (Simple two phases - Plug bubble - Plug emulsion
model) adapted to these conditions enabled us to highlight the location and extent of undesirable thermal hot spots for
the process, and to propose actions to control them by acting on the temperature and/or on the feed gas flows. By
comparing this model with the plug approach, the significant slowdown in ethylene conversion caused by resistance to
mass transfer when feed flow rates are low is highlighted.
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1. Introduction gas phase in the presence of a solid alumina-

1,2-Dichloroethane is used as a pesticide, supported copper chloride catalyst [5], whose role
degreaser and paint stripper, as well as an is to avoid friction and ensure better surface
additive solvent to improve the octane rating of control [6]. Oxychlorination takes place by
gasoline [1], but its primary use is in the synthesis reacting ethylene with chloridric acid and oxygen
of polyvinyl chloride, which is involved in the (pure or contained in the air) to produce 1,2-
manufacture of thermoplastics [2] found in pipes, dichlgroethane and water, based on the chemical
wall coverings, window frames, vinyl seat covers reaction:
and many other everyday products [3]. The 1,2-
Dichloroethane can be obtained either by direct C2Ha + 0.502 + 2HCl — CH2CH2Cl2 + H20
chlorination or by oxychlorination [4]. The first
process is carried out in the liquid phase and in On an industrial scale, this reaction takes
the presence of a homogeneous ferric chloride place at temperatures of 200 to 300 °C and
catalyst [4], while the second takes place in the pressures of 1 to 10 bar [5]. Oxychlorination is

highly exothermic (AH: 298k = -295 kJ.mol1), hence
the need for temperature control to ensure the
* Corresponding Author. success of the process. Temperatures exceeding

Email: w.elbazi@usms.ma (W. El Bazi) 400 °C lead to sublimation of the catalyst [2], and
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even above 240 °C, competitive reactions occur,
giving rise to several by-products (C2CIsHO, CO,
COg2, C2H5Cl, C2HsCls, ... etc.), which reduces the
selectivity of 1,2-dichloroethane formation [5]. To
prevent excessive temperature rises and reach a
thermal profile close to isothermicity, the
fluidized-bed reactor remains a good alternative
[7]. This technology, which has been used in
industry for over a century [6], is the most widely
adopted for large-scale ethylene oxychlorination
[3,5,6-8]. In addition to temperature control, this
technology offers the advantage of overcoming the
resistance to material transfer present in fixed-
bed reactors, which causes a significant slowdown
in the apparent reaction rate [9,10].

For more accurate prediction of the behavior,
diagnosis, design and optimization of fluidized bed
operation, modeling and simulation are highly
reliable tools. The literature offers a wide range of
one-dimensional models for predicting the
behavior of these converters. Models range from
the simplest, based on the assumption of an ideal
reactor (plug (P) or continuous stirred-tank
reactor (CSTR)) with a single phase [11,12], to
more complex models taking into account the
presence of two phases (bubble, emulsion) or even
three phases (bubble, cloud-wake and emulsion).
Some of these models consider that each phase
has a plug-like behavior, with material and heat
transfers between phases (P-P model) [12-15].
Other multiphase models assume that the
emulsion behaves like a CSTR reactor, with non-
reactive or reactive bubbles behaving like plug (P-
M models) [16-18]. Other papers have even
proposed multidimensional approaches to study
these reactors [19-21].

These models have been well used in the
modeling and simulation of fluidized-bed catalytic
reactors for ethylene oxychlorination on an
industrial scale. Montebelli et al. [5] developed a
single-phase model with axial dispersive plug flow
(ADPF) to predict the behavior of these
converters. The model takes into account the main
reaction and several concurrent secondary ones.
The choice of a single-phase model is justified by
the fact that, at very high flow rates, the
fluidization regime is very fast and, under these
conditions, there is no distinction between phases
[5]. Some authors suggest that under industrial
conditions characterized by high superficial
velocities, the emulsion may behave as a CSTR,
while the non-reactive bubble behaves as a plug.
A well-cited paper in this regard is that by Al-
Zahrani et al. [7], which focused on a two-phase
model based on the above assumptions to simulate
the behavior of an industrial converter. Al-
Zahrani's model takes into account only the main
oxychlorination reaction. Khademi et al. [3] have
used a model closely similar to Al-Zahrani's, also
taking into account only the main reaction, but

using different reaction kinetics. Indeed, Al
Zahrani used the reaction kinetics developed by
Wachi et al. which expresses the reaction kinetics
as a function of ethylene concentration, copper
concentration in the catalyst, and temperature
[22], whereas the kinetics used by Khademi et al.
is the one developed by Carrubba et al. [23],
expressing the reaction rate as a function of the
partial pressures of ethylene, oxygen, water
vapour, and temperature. Other studies have
used the same model (P-M model), but taking into
account secondary reactions in addition to the
main one [5,6,24]. The 3-phase models have also
been used to study these industrial reactors. With
this in mind, Faghih et al. [8] developed a model
(bubble-cloud-emulsion) to predict ethylene
conversion at the outlet of an industrial
oxychlorination reactor. The kinetic expression
embedded in the model takes into account the
main reaction and the parasitic reactions leading
to the formation of CO and COsz. Another study
has investigated the behavior of these reactors in
3D using CFD based on an Eulerian-Eulerian flow
model [25] where only the main reaction had been
taken into account.

Although the models presented were able to
provide a good approximation to the behavior of
industrial converters, many of them present
certain mathematical difficulties for solving them.
For example, the (P-M model) with non-reactive
bubbles requires the resolution of a system
comprising a number of non-linear equations,
which is increasingly important if we take into
account more and more concurrent reactions
[3,6,7,16,17]. Moreover, these models have not
covered all the assumptions that can be justified
in the case of industrial converters, where feeding
takes place at very high flow rates. Among these
assumptions, the behavior of the fluidized bed is
considered as a single-phase continuous stirred
reactor. Indeed, in the turbulent regime, single-
phase models can adequately describe the
behavior of fluidized beds [26]. It has even been
shown that under relatively high superficial
velocity conditions, the single-phase continuous
stirred reactor approach correctly describes the
evolution of temperatures and concentrations in
industrial polyethylene fluidized bed reactors
[11]. The study by Toei et al. [27] of ethylene
hydrogenation in a fluidized bed reactor revealed
that the CSTR approach provides an acceptable
estimation of the hydrogen conversion at high
superficial velocities. Therefore, given that EDC
cracking in fluidized beds occurs in turbulent
regime, and then, at superficial velocities several
times higher than the minimum fluidization
velocity [5,6], the CSTR hypothesis is worthy to be
evaluated. For this reason, we have developed a
simple CSTR model to predict the behavior of
these industrial converters. The results obtained
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using this model were compared to experimental
results from the literature corresponding to
several industrial reactors [3,5,7]. A parametric
sensitivity analysis was carried out to evaluate
the effect of several key parameters (pressure,
feed temperature, cooling temperature, feed molar
distribution) on reactor behavior under industrial
conditions. The curves obtained from this analysis
were compared with the numerical simulation
results corresponding to the (P-M model) from
previous studies based on this approach [3,7]. In
fact, the CSTR approach offers the advantage of
ease of implementation and ease of mathematical
resolution. Indeed, if there is only one reaction in
the converter, it is sufficient to solve a system of
two non-linear equations corresponding to the
material balance and the energy balance in the
reactor. Validation of this approach for industrial
fluidized beds for ethylene oxychlorination will
enable the behavior of these plants to be predicted
without having to resort to more numerically
complex models.

In addition to industrial situations,
characterized by a turbulent regime, it is also
important to predict the behavior of these
fluidized beds when the superficial velocity is not
very high. This is often the case in laboratory
reactors [2], or when the pilot operates at low flow
rates. Given that modeling and simulation work
in the literature has focused solely on the study of
these installations under industrial conditions
characterized by high gas flows, hence the
presence of back-mixing justifying the adoption of
CSTR or P-M models, the case of low superficial
velocities (Up < 6Ung) was also evaluated. Under
these conditions, it is more appropriate to use a
(P-P model) [14,28]. In fact, plug flow for the
bubble is still valid [14], while for the emulsion
phase, this type of flow is reasonable where the
superficial velocity is low given the absence of
catalyst back-mixing under these conditions. The
second part of this paper therefore focuses on
exploiting this approach to evaluate the behavior
of these converters in such circumstances. By
means of these simulations, we were able to
predict the location and magnitude of thermal hot
spots with disastrous effects on the catalyst and
on the selectivity of 1,2-dichloroethane [2,5,6,29],
and thus propose solutions to attenuate them.
These simulations also enabled us to evaluate the
importance of limitations to heat transfer between
phases, by determining the thermal profile in the
bubbles and in the emulsion. Finally, a
comparison of the (P-P model) with the (P model)
made it possible to measure the impact of
interphase material transfer resistances on
ethylene conversion at low gas flow rates.

2. Modeling Methods and Numerical
Solutions

The calculation code used to solve this
problem has been developed under Matlab
software.

2.1 Fluidized Bed Assumptions and Calculation
of Hydrodynamic Characteristics and Transport
Properties

For the studied models, we have assumed
that the bubble is free of solids and that the entire
catalytic mass is located in the emulsion, so the
reaction takes place exclusively in this phase. This
assumption can be justified by the small size of the
catalytic grains considered in the simulations
[30]. The emulsion phase is also assumed to be at
the fluidization minimum, vregardless of
superficial velocity. Finally, we neglect the
resistance to transfer phenomena between this
phase and the solid, which can be justified by the
extreme rapidity of these phenomena between the
two phases [5].

The correlations for calculating the
hydrodynamic characteristics and transport
properties of the fluidized bed are presented in
Table 1. The expressions concerning the
viscosities ;i and conductivities A of different
elements with respect to temperature were taken
from reference [35]. The formula for calculating
binary diffusion coefficients Dgj can be found in

[7].

2.2 Continuous Stirred Reactor Model (CSTR
Model)

When modeling the fluidized-bed converter as
a continuous stirred reactor, it has been assumed
that the converter behaves as a single-phase
reactor with uniform catalyst distribution [32].
The equation corresponding to the material
balance depends on the limiting reactant:
If ethylene is the limiting reactant:

Feonap — Feana + @cana-Teonaciz-S- L (1 - Smoy) =0
(21)
If chloridric acid is the limiting reactant:

Frcio — Fuct + Quci- Teznaciz- S- L (1 - 5moy) =0
(22)

Fip and F; correspond to the molar flow rates of
component i in mol.s-! at the inlet and outlet of the
converter, ai refers to the stechiometric coefficient
of component i (negative for reactants, positive for
products and zero for elements not involved in the
reaction), rcersciz (mol.s'1.m-3) is the reaction rate
for the production of 1,2-dichloroethane which is
given by the equation:
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Ky Kq.Cc.CE

Teanaciz = = Kol (23)

with K, (s') is the rate constant:

K, = 269.exp (-22) (24)
Rg.T

E. is the activation energy (37,800 J.mol ), R, is
the gas constant (8,314 J.mol-1. K1), T(K) is the bed
temperature, K. is the adsorption equilibrium
constant (0.63 m3.mol ), Cc (mol.m) is the copper
concentration in the catalyst, and Cg (mol.m3) is
the ethylene concentration. The reaction kinetics
used corresponds to that of Wachi et al. [22]. The
expression of the ethylene concentration depends
on the limiting reactant. If ethylene is the limiting
reactant:

Fo,c2H4-(1—Xc2H4) (25)

C =
C2H4 Po.T
QO_P.QFO(1+£C2H4‘X C2H4)

Qo (m3) is the volume flow feeding the reactor
(Zi2Y Fio)Rg To .

( Qo= P—o) , To (K) is the feed

temperature, and Po (Pa) is the reactor inlet

pressure.

The chemical expansion factor corresponding to

ethylene (eczn4) 1s calculated by equation:

—15.F
Ec2Ha = —FTO'OCZM (26)
With Frp (mol.s!) is the total molar flow rate
feeding the reactor (Fro = Yi=Y Fio).

If hydrochloric acid is the limiting reactant:

Fo,c2H4-—0.5.-Fp uci-XHcl

C = 27
C2H4 PoT

Qopr,(1*+eHciXnct)

The expansion factor corresponding to chloridric
acid (ency) is expressed by the formula:

—0.75.Fg,Hcl

€nct = o (28)

X (X; = %) being the conversion of reactant j,
S (m?) is the reactor cross-sectional area, and L
(m) is the expanded bed height and emey
corresponds to the average voidage of the reactor.
The formulas required to calculate L and emoy are
shown in Table 1. Meanwhile, the energy balance
in the installation yields equation [36]:

Momix- Co.mix (To)- (To = Tref) = hy. 7. D.L.(T = T,,) —

AHr- Tc2H4CI2- S.L. (1 - Smoy) — Mypix- Cp,mix(T)- (T -
Tref (29)

mmix (kg.s!) is the mass flow rate of the gas
mixture feeding the reactor, which is calculated by
adopting the equation:

Munix = Sy Fi. M; (30)

Cpmix(T) 1s the specific heat capacity ( J.kg-1.K-1) of
the gas mixture at reactor temperature, which is
expressed with the formula:

2=V yiCpi(T)

Momix

Cp,mix (1) = 31)

Cpi(T) correspond to the heat -capacities
(J.mol'L. K1) of the different elements 1.

Expressions for these capacities as a function of
temperature are available in [35], yi is the mole

fraction of element i in the mixture (y; = ziII‘i’F-)
i=1 i
and M; (kg.mol) is its molecular weight. Treris the
reference temperature of 298 K, hw (W.m2.K-) is
the overall heat-transfer coefficient between the
wall and the fluidized bed, calculated as shown in
Table 1, D (m) is the reactor diameter, Tw (K) is
the catalytic bed wall temperature and AH: (J.mol-
1) is the enthalpy of reaction, calculated as shown
in [37]. The systems of non-linear equations ((21);
(29)) and ((22) ; (29)) are solved by the Newton-
Raphson method [38] (Figure S1 Supporting

Information).

2.3. Plug Model (P Model)

As with the continuous stirred reactor, we
assume single-phase behavior and that the solid
1s uniformly distributed in the reactor with an
average voidage emoy, calculated in the same way
as for the CSTR average voidage. The mass
balance along the reactor leads to the differential
equation:

dX;, _ TcaHaci2-S(1-€moy)
az Fo,i (32)

The heat balance leads to the differential
equation:

ar _ —AHyrcopaciz-(1=€moy)-S—hw..D.L(T(Z)~Ty,) (33)
dz NEN FiCpi(T)

To take into account the pressure drop along the
installation, we adopt equation [26]:

d
é = =9 -Pp- 1- smoy) (34)

where, Pis the pressure (Pa), g is the acceleration
of gravity (9.81.m.s2) and pp (kg.m-3) is the density
of the catalyst. The system of ordinary differential
equations in Equations (32)-(34) can be solved by
the Runge-Kutta 4 method [9,10] with the
following initial conditions at reactor inlet: Xi=0,
T=To, P=Po.
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2.4. Simple Two-Phase Model — Plug Emulsion-
Plug Bubble (P-P Msodel)

This model assumes the existence of two
phases in the reactor: a bubble phase and an
emulsion phase. Each of the two phases is
characterized by a plug behavior, with mass and
heat transfer between both [14,39]. Since the
bubble phase contains no catalyst, the mass
balance in this phase leads to the equation:

ANip _ 1 Nie(Z) _ Nip(2)
- —KL'S'S'(QE(Z) 2 )

(35)
6 is the volume fraction of bubble phase to overall
bed, calculated as shown in Table 1, Nip and Nie
(mol.s1) are respectively the molar flow rates of
element i in the bubble and emulsion phases, K;
(s1) 1s the overall mass-transfer -coefficient
(bubble phase—emulsion phase) based on bubble
volume (s1), calculated as shown in Table 1, ¢
and Qe in m3.s! refer to the volumetric flow rates

Table 1. Hydrodynamic and transport property correlations

Parameter Correlation
Viscosity of gas mixture (Pa.s) [31] iy = SN, —2H 1)
wN oy Mj
Jj=17] M;
Bed voidage at minimum fluidization [7] B fomix 0,029 (p_g)°'°21
ey = 0.586. (e — )00, (22 ©@)
Inlet superficial velocity (m.s?) Uy = % 3)
Superficial velocity at minimum fluidization (m.st) U = 9-dp* (pp=pg)-Ems® )
[3] mf = 150-l‘mix-(1_5mf)
: —0.15.Ly,
Bubble diameter (m) [18] dp = dpm — (dym — dpo)- €XP (Tf) (5)
Bubble rising velocity (m.s?)) [18] Where:
dyo = 0.376.(Uy — Upyy )
dym = 1.6377.(S. (Uy = Upp))™"
Up = (Ug = Upy) + 0.711. (g.d,,)°5 (6)
Volume fraction of bubble phase to overal bed [30] With:
U_br=0.711.[(g.d_b)]*5 (@)
Expanded bed height (m) [3] — UVo=Ums ®)
Up=Umsr
Average voidage of the bed [32] I = tmr )
1-6
Emoy = (1 = 8). &y (10)
Gas mixture conductivity (W.m-1.K-1) [31] o= Tidiyi M 11)
9mx iy Mg
Heat transfer coefficient between wall and bed b= Agmix\ (Pg(pp-pg)g.dp®\ "2 9
(W.m 2K [7] v =088, (M) (lnbnat) (12)
Diffusivity of component i in gas mixture (m2.s'1) Dimix = (1 = y). (), '¢j£ )_1 (13)
[7] | — b
. . . . 05 .25
Overa.ll mass-transfer coefficient (bubble p}_lase— Kpei = 45 (@) 4585 (Dl,mlx 1.2‘302 ) 0
emulsion phase) based on bubble volume (s?1) [14] dp os dp
EmfDimixU .
K..; = 6.78. (%) (15)
Ki - ((K:ci> + <Kjei>)_1 (16)
Overall heat-transfer coefficient (bubble-dense H =45 (Umf.pg.Cp,mix) 458 5(’19'mix-ﬂg-g°'5-6p,mix)0'5
phase) based on bubble volume (W.m-3.K-1) [33] be = e dp ’ dp25
17)
_ Ag,mix-Pg-Emf-Cp,mix-Ubr 0.5
Hee = 6.77.( s ) (18)
Hye = () + (oD (19)
Minimum bubbling velocity (m.s!) [34] _2300.Unms pg% 26 pnin 5% (20)

mb dp0.8_go.934_(pp_pg)o.934
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in the two phases. To calculate each of the flow
rates, we use the equations:
- for the bubble phase:

Ub (m.s?) is the bubble rising velocity, calculated
as shown in Table 1.

- for the emulsion phase:

(SN N o(2)).Rg Te(2)

Qu(2) === (87)

Te (K) is the emulsion temperature. The heat
balance in the bubble phase leads to the equation:

ATy _ Hpe(Te(D)-Ty(2) 38)
az Up-Pg-Cpmix

Hye (W.m3K1) is the overall heat-transfer
coefficient (bubble-dense phase) based on bubble
volume, calculated as shown in Table 1, where T}
(K) is the temperature of the bubble phase and pg
(kg.m3) is the density of the gas mixture (p, =

P yi=n

o7 Bzt y;M;). Setting up the mass balance in the
emulsion phase leads to the equation:

dNi,e _
Nie(2)  Nip(2)
Emf)-Teznaciz S- =K. S. 8. (F25= — ==y (39)

Qe Qp

emf 1s the bed voidage at minimum fluidization, for
which the formula is given in Table 1.

The heat balance on the emulsion phase leads
to the equation:

daTe — —Hpe-S.6.(Te(Z)-Tp(2)) _ hw.1.D.(Te(Z)=Tw) _
az Pg-cp,mix-Qe(Z) Pg-cp,mix-Qe(Z)
AHT-TCZHALCIZ-(l_gmf)-(1_6)-5

Pg-Cp,mix-Qe(Z)

(40)

Equation (34) 1s adopted to determine the
pressure drop along the reactor. The system of
differential equations in Equations (34-35, 38-40)
is also solvable by the Runge-Kutta 4 method with
the following initial conditions applied to the
reactor inlet:

Nio-Qp Ni,0-Qe,0
Xi=0, Teo=Tho=To, Nipo = —2= | Njpo = —L22
; 0= D070 Mib0 = (0, 4000) * 0 T (QptQe)
and P=Po.

The conversion of the reactant i is calculated by
the equation:

Fio—(Nie(Z)+N;p(Z))
Fio

Xi(2) =

(41

3. Results and Discussion

3.1. Validation of the CSTR Model under
Industrial Conditions

The CSTR model was evaluated under
different conditions corresponding to several
industrial fluidized bed reactors. Table 2 gives the
characteristics and operating conditions of the
industrial fluidized bed converters studied. Table
3 provides a comparison between the
experimental results, those corresponding to the
models adopted in the literature, and the ones
obtained in this study using CSTR model.

The results in Table 3 clearly show that the
CSTR model correctly describes the behavior of
the various industrial fluidized bed reactors
studied, with differences from experimental
results that are fairly acceptable, but slightly
higher than those of (P-M models) of the
literature. Table 3 also shows that the CSTR
model describes these fluidized bed reactors better
than the ADPF approach, allowing us to conclude
that under high flow conditions, the fluidized bed
reactor tends to exhibit CSTR rather than plug
behaviour. According to this table, even though
the CSTR approach describes the behavior of R2
and R3 fluidized bed reactors more accurately
than the ADPF approach for the different
conversions studied, we notice that the oxygen
conversions predicted by the first model slightly
underestimate the actual oxygen conversions.
This can be explained by the fact that a small
proportion of feed Oz is involved in competitive
oxidation reactions not taken into account in the
model developed in this study. Indeed, only the
main oxychlorination reaction was taken into
account in the CSTR model used.

3.2 Effects of Operating Conditions on Converter
Behavior

In this section, we have studied the effect of
several operating parameters on installation
behavior, using the CSTR model. We have also
compared the curves obtained with those
corresponding to the (P-M model) validated in the
literature.

Figure 1 shows the evolution of ethylene
conversion and catalyst bed temperature as a
function of catalyst bed wall temperature. This
figure also shows the results of the (P-M model)
taken from the study by Khademi et al. [3]. The
reactor and catalyst characteristics and feed
operating conditions taken into account in the
modeling and simulation correspond to the
characteristics of the R4 reactor (Table 2). This
figure shows that the reactor wall temperature
has no noticeable effect on ethylene conversion,
which is almost total. In fact, given the high
reaction rate under the feed conditions studied,
the reactor volume is more than sufficient for
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near-total ethylene consumption. From the same
figure, we can also observe that the temperature
in the bed rises with the increase of the wall
temperature. In fact, according to equation 29
corresponding to the heat balance on the reactor,
the higher the wall temperature, the lower the
heat flux to be evacuated by cooling, leading to
this rise in reactor temperature. From a practical
point of view, the reactor temperature must not

exceed 513 K, to avoid competitive reactions
leading to a drop in 1,2-dichloroethane selectivity
[5].

Figure 2 shows the variation in ethylene
conversion and reactor temperature with respect
to feed temperature. The reactor and catalyst
characteristics, wall temperature, feed molar flow
rates and reactor pressure taken into account in
the modeling and simulation also correspond with

570 T r 1
o L 0.995
L 0.99
550 4
L 0.985
e § L 0.98
¥ 530 0.975 5
= LN
T (P- - i | - 0.97
520 4 ( P-M model- Khademiet al )
— T (CSTR model - Present study ) - 0.965
510
_ L 0.96
Xcama (P-M model - Khademi et al )
O L 0.955
Xeama ( CSTR model - Present study )
490 : : t ; : ; . 0.95
360 370 380 390 400 410 420 430 440
Ty (K)

Figure 1. Effect of wall temperature on C2H4 conversion and bed temperature / comparison between
the P-M model (literature) and the CSTR model (present study - Equations (21), (22), (29))

500 = g
498 + + 0.995
496 4 + 099
20a 1 e ———— o ——s 1 0985
492 4 + 098
o 4
X 490 + + 0.975
x 7
488 T T ( P-M model- Khademi et al ) - 0.97
486 + - 0.965
T ( CSTR model - Present study )
484 1 - 0.96
Xeara (P-M model - Khademi et al )
482 + - 0.955
Xeana ( CSTR model - Present study )
480 + + + + + 0.95
440 450 460 470 480 430 500
To (K)

Figure 2. Effect of feed temperature on C2H4 conversion and bed temperature / comparison between
the P-M model (literature) and the CSTR model (present study - Equations (21), (22), (29))
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those of the R4 reactor. This figure also includes
the results corresponding to the (P-M model) from
the study by Khademi et al. [3]. Figure 2 shows
that conversion to ethylene is almost complete at
all feed temperatures, due to the high reaction
rate under the feed conditions described above.
Unlike the effect of wall temperature on reactor
temperature, increasing feed temperature causes
a slight drop in catalyst bed temperature. Indeed,
the rise in feed temperature accelerates the near-
total consumption of the limiting reactant, and
thus causes an increasingly rapid pseudo-
cancellation of the heat generation term
(Equation (29)). This leads to a decrease in the
temperature averaged over the entire reactor, and
consequently to an increasing effect of the cooling
temperature on the installation.

Figure 3 shows the effect of pressure on
conversions of ethylene and hydrochloric acid. The

feeding temperature and molar flow rates, the
wall temperature (Tw), the reactor and catalyst
characteristics taken into account in the CSTR
modeling are still the same as for R4. Figure 3 also
shows the results of the sensitivity analysis
corresponding to the (P-M model) from the study
by Khademi et al. [3]. This figure shows that the
effect of pressure on reactants conversion is not
noticeable. The slight rise in reactants conversion
with increasing pressure can be explained by the
rise in ethylene concentration, which can increase
the oxychlorination reaction rate. Pressure can
also affect the average voidage in the reactor via
its effect on the density of the gas mixture.
Figure 4 shows the effect of ethylene molar
percentage in the feed on hydrochloric acid,
ethylene and oxygen conversions. The feed and
wall temperatures, feed molar flow rates of
hydrochloric acid and oxygen, pressure and

o%s +
0499J;__,--—+*—— = = = e
0.985 J
0.98
X 0975 +
097
""""" Xczme (P-M model - Khademi et al)
0.965 1
Xuci( P-M model - Khademiet al )
096 |
= Xou (CSTR model- Present study )
0.955 1
X[ CSTR model - Present study )
0.95 } } t |
25 3 35 45 5

P(Bar)

Figure 3. Effect of pressure on C2H4 and HCI conversions / comparison between the P-M model
(literature) and the CSTR model (present study - Equations (21), (22), (29))
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Figure 4. Effect of C2H4 mole fraction on reactants conversion / comparison between the P-M model
(literature) and the CSTR model (present study - Equations (21), (22), (29))
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reactor and catalyst characteristics taken into
account in the modeling and simulation
correspond in this case to that of R1 (Table 2).
Figure 4 also shows the results of the (P-M model)
from the study by Al-Zahrani et al. [7]. According
to this Figure 4, ethylene conversion is almost
complete when the ethylene feeding mole fraction
is below 17.38%. Indeed, as discussed above, given
the high reaction rate under these feed conditions,
the reactor volume is amply sufficient for the total
consumption of CeHs. Under these conditions,
ethylene is the limiting reactant, and increasing
its fraction in the feeding leads to increased
conversions of the other reactants (Oz, HCI). In
fact, the degree of advancement of the reaction
rises as the flow rate of the limiting reactant
increases. When the fraction of CoH4in the feeding
exceeds 17.38%, hydrochloric acid becomes the
limiting reactant, and the degree of advancement
of the reaction is fixed at the molar flow rate of
HCl feed divided by -aHCl. Therefore, any
increase in C2H4 feeding has no effect on Xuc1 and
leads to a decrease in Xczms. Under the feeding
conditions considered, oxygen is always fed in
excess, this 1s what explain the increase in its
conversion with increasing feed flow rate of the
limiting reactant.

The two approaches (P-M model) and (CSTR
model) are in agreement on the stirred reactor
behavior of the reaction phase containing the
entire catalytic mass. The former considers the
presence of a plug phase (bubble) exchanging
material and heat with the reaction phase
(emulsion), while the latter assumes that the
entire installation is a continuous stirred reactor.
Thus, the good agreement between the results of
these two models, which can be seen in Figures (1-
4), may be the consequence of the first approach's
consideration of rapid mass and heat transfer

between the bubble phase and the emulsion phase
under the operating conditions studied.

3.3 Evaluation of the Reactor Behavior under
Low-Flow Rate Conditions using the (P-P Model)

In this section, the behavior of the reactor
when the feeding flow rate is not very high (Unp<
Uo<6.Unf) and when the reactor is long (I/D =10)
1s studied by adopting the P-P approach since it is
the most suitable under these conditions [14,28].
The characteristics of the reactor, catalyst and
feed stream are presented in Table 4. Under these
conditions, calculation of the minimum bubbling
velocity (Umb) using the formula (Eq. (20))
presented in Table 1 led to the conclusion that Uwmb
not exceed 2.69 Unf.

The length and diameter of the reactor and
the molar flow rate feeding the reactor are chosen
in such a way that the conditions relating to
geometric characteristics and superficial velocity
presented at the top of this section are met. The
chosen catalyst characteristics correspond
perfectly to the commercial catalysts used for this
reaction [3,7]. On a large scale, the reaction is
almost complete, so a ratio of (CoH4)/HC1=0.5 is
chosen to ensure high Xnci without C2Hq losses [7].
From a practical point of view, it is recommended
to opt for an O2/HCI ratio in the range 0.3-0.75 to
avoid catalyst deactivation [40], hence the value of
0.5 corresponding to this ratio has been chosen.
The choice of a high fraction of N2 in the feeding is
also motivated by experimental reasons. In fact,
the high flow rate of this inert gas in the gas
mixture attenuates thermal hot spots and reactor
defluidization  caused by the extreme
exothermicity of the reaction [2]. This avoids the
disastrous effects of such phenomena on the
catalyst, on the selectivity of 1,2-dichloroethane
and on the gas-solid mixture [2,5].

Table 2. Model Input and Reactor Parameters for different Industrial Oxychlorination Fluidized-Bed

Reactors

Reactor 1 [R1]

Reactor 2 [R2]

Reactor 3 [R3]

Reactor 4 [R4]

Parameter Al-Zahrani et Montbelli Montbelli Khademi et al.
al. [7] et al. [5] et al. [5] [3]
Bed height at minimum 7 6.83 6.3 7
fluidization (m)
Bed diameter (m) 3.4 2.76 4.05 3.4
Catalyst particle density (kg.m-3) 1369 1520 1520 1369
Catalyst particle diameter (um)
Bed pressure (Pa) 80 50 50 80
Feed temperature (K)
Cooling medium temperature (K) 400000 470000 510000 400000
Emulsion temperature (K) 460 460
Feed molar flow rate of 360 360
HCl/C2H4/O2 ( mol.st) 504 508.5
64/32/ 81.97/45.08/ 197.43/102.66/ 64/31.85/21.5
18.5 23.48 60.75
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Th sensitivity analysis presented in Figures
(5-10) has allowed to evaluate the effect of feeding
temperature, wall temperature and feeding flow
rate on the converter behavior when the (P-P
model) is used. Figure 5 shows the effect of
different feeding temperatures listed in Table 4 on
the thermal profile in the reactor for Uo=6.Umnt,
Tw=500 K and for the other feeding, reactor and
catalyst characteristics presented in this table.
From this figure, it is clear that the thermal hot
spots are located at the reactor inlet and in the
emulsion phase, since it is in this position of the
converter that the highest concentrations of
ethylene are found, and it is in this phase that the
catalyst is exclusively located. Under these
conditions, the reaction rate is high, and so the
heat flux released by the reaction is significant
(see Equation (40)). In the rest of the reactor,
these hotspots disappear and the temperature of
the emulsion phase takes on the value of Tw,
because with the drop in CasHi concentration in
this phase in the rest of the converter, the heat
production term for the chemical reaction in
Equation (40) becomes very low, and the term
corresponding to the heat flux subtracted by

cooling (Equation (40)) becomes dominant. Figure
5 also shows that the higher the feed temperature,
the weaker the hot spots. Indeed, the higher the
feeding temperature, the higher the emulsion
volumetric flow rate at (Z=0), so the CoHa
concentration drops at the reactor inlet, which
1mplies a drop in the reaction rate and therefore
in the term of heat release by reaction present in
equation 40, and this is reflected in the drop in hot
spots at the inlet as 7o increases. Finally, from
this figure, the bubble temperature takes on the
feeding temperature at the reactor inlet,
gradually moving towards the temperature value
imposed by the wall (7w) and reaching it at
increasingly greater longitudinal positions as the
temperature difference between feeding and wall
temperature (7Tw) increases. In fact, the greater
this difference, the greater the length required to
achieve thermal equilibrium and stop heat
transfer between the two phases.

Figure 6 shows the profile of Xcoms along the
installation for the same conditions as those
corresponding to Figure 5. This figure shows that
there is a significant rise in Xcens at the reactor
inlet from (0 to 0.2) and this phenomenon is

Table 3. Comparison between experimental data, literature models and CSTR model predictions RE:

Relative error compared to the plant results

CSTR RE (%) for
Literature study Outlet data model- Literature CSTR RE. (%) for the
Plant Present del model- literature
study mode Present model
Study
Al-Zahrani et al. (P- HCI conversion 0.983 0.996 0.985 1.34 0.25
M model) [7] R1 C2H4 conversion 0.993 0.996 0.994 0.32 0.13
Outlet temperature (K) 498 497 498.18 -0.2 0.04
Montbelli et al. HCI conversion 0.992 1 0.963 0.84 -2.92
(ADPF model) C2H4 conversion 0.912 0.909 0.893 -0.34 -2.06
[5] R2 02 conversion 0.952 0.873 0.852 -8.34 -10.55
Montbelli et al. HCI conversion 0.996 1 0.953 0.83 -4.27
(ADPF model) C2H4 conversion 0.962 0.962 0.930 -0.03 -3.28
[ 5] R3 Oz conversion 0.920 0.812 0.785 -11.71 -14.65
Khademi et al. HCI conversion 0.983 0.991 0.988 0.81 0.5
(P-M) Model C2H4 conversion 0.993 0.996 0.995 0.27 0.25
[3] R4 Qutlet temperature (K) 498 495 497.79 -0.6 -0.04
Table 4. Model Input and Parameters for reactor operating at low flows
Parameter Value
Bed height at minimum fluidization (m) 1.6
Bed diameter (m) 0.04
Catalyst particle density (kg.m3) 1369
Catalyst particle diameter (um) 80
Bed pressure (Pa) 400000
Feed temperature (K) 400-460-480
Uo. 3.22-4-6
Uy
Wall temperature (K) 473-500-530
feed mole fraction of HCl/C2H4/O2 in reactant flow rate 0.5/0.25/0.25
Molar flow rate of N2 (mol.s1) 17.92.104
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similar for the three To studied. In fact, this result
is the consequence of the thermal hot spots and
high ethylene concentrations in emulsion phase at
the installation inlet causing high reaction rate
and consumption of high quantities of C2Ha,
resulting in this peak in the ethylene conversion,
which is significant despite the resistance to
transfer phenomena. This figure shows also that
the effect of variation of feeding temperature from
400 K to 480 K on Xc2n4 1s less important than that
on the thermal profile in the reactor. This is
because the process is controlled by mass transfer
between the two phases studied, which is less
sensitive to temperature than the actual chemical
reaction, whose effect of temperature on its rate is

greater. In fact, due to the limitations of mass
transfer between phases, the emulsion phase only
receives small flows of C2Hs from the bubble
phase, which 1is richer in this reactant. So,
although temperature variation may affect C2Ha
consumption in the emulsion phase, this will not
be reflected in the conversion profile, since the
bulk of this species is localized in the bubble phase
(see Equation (41)).

Figure 7 shows the effect of different wall
temperatures listed in Table 4 on the thermal
profile in the reactor for 7o = 460 K, for the same
molar flow rates and for the same catalyst and
reactor characteristics presented at the head of
the paragraph. From this figure, we can see that
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Figure 5. Effect of feed temperature on bubble and emulsion temperature profiles / P-P model

(Equations (34)-(35), (38)-(40))
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Figure 6. Effect of feed temperature on C2H4 conversion profile / P-P model (Equations (34)-(35),

(38)-(41))

Copyright © 2024, ISSN 1978-2993



Bulletin of Chemical Reaction Engineering & Catalysis, 19 (2), 2024, 311

the hot spots at the reactor inlet for the emulsion
phase become increasingly important as the wall
temperature (Tw) rises. Indeed, the higher the Tw,
the smaller the difference between this
temperature and the temperature of the emulsion
phase at the reactor inlet. This leads to a
weakening of the heat extracted by cooling term
in equation 40, which in turn leads to a rise in the
temperature of the emulsion at the reactor inlet,
reflected in the rise in hot spots. The presence of
the hot spots at the reactor inlet in the emulsion
phase is explained by the same reasons as given
for this phenomenon in the interpretation of the
curves in Figure 5. As with the latter, the

1050 -I-

1010 --

930 --

temperature of the bubble is To at z = 0, reaching
Tw at a longitudinal position whose value
increases as the temperature difference between
the feed and the wall rises. This result is
interpreted using the same justifications we
adopted to explain this phenomenon, which can
also be seen in the curves of Figure 5.

For the same conditions as in Figure 7, Figure
8 shows the profile of Xcena along the installation.
The curves in this figure are similar to those in
Figure 6. To interpret the curves in this new
figure, we can then give the same explanations
adopted to justify the Xczn4 peaks at the converter
inlet and the lacking effect of temperature
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Figure 7. Effect of wall temperature on bubble and emulsion temperature profile / P-P model

(Equations (34)-(35), (38)-(40))
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Figure 8. Effect of wall temperature on C2H4 conversion profile / P-P model (Equations (34)-(35),
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variation on the Xczu4 profile shown in the curves
in Figure 6.

Figure 9 shows the effect of different feeding
superficial velocities listed 1n Table 4,
corresponding to various reactant inlet flow rates,
on the thermal profile in the reactor for 7o = 460
K, for Tw = 500 K and for the other characteristics
of feeding, reactor and catalyst shown in this
table. According to this figure, the higher the
superficial velocity, the higher the hot spot at the
reactor inlet in the emulsion phase. In fact, given
that the molar flow rate of Nz is fixed in all the
simulations presented in this paragraph,
increasing the superficial velocity of feed implies
an increase in the concentration of reactants and,
in particular, an increase in the concentration of
CeH4, which leads to an acceleration of the
reaction rate and, consequently, an increase in the
heat release by chemical reaction term in equation
40, manifested by this increase in hot spots in the
emulsion phase. In the bubble phase, this figure
shows the presence of temperature profiles
between the two phases, which are influenced less

T(K)

by variations in inlet superficial velocities than by
temperature differences between phases. In fact,
as previously discussed, the thermal profile in the
bubble phase depends only on the temperature
difference between the bubble phase at the inlet
(feed temperature) and the temperature of the
emulsion phase in the rest of the converter (wall-
imposed temperature). Since these two
temperatures are maintained for the three
simulations shown in Figure 9, this profile is not
influenced. Figures 5, 7, and 9 show that by acting
either on the feeding temperature, on the wall
temperature or on the reactant flow rate, it is
possible to control hot spots and attenuate them,
enabling their negative effects on the catalyst and
on the selectivity of 1,2-dichloroethane.

Figure 10 shows the profile of Xcens along the
installation for the same conditions as described
in Figure 9. The Xcons peaks seen at the
installation inlet are explained by the same
reasons given for the explanation of this
phenomenon in the curves of Figures 6 and 8. We
also note that the lower the superficial velocity at

- = =T, (UJU.=6)
T (U/U.=6)

To (Uo/U=4)
— T, (Ug/Un=4 )
- = =Ty (Ua/U=3.22)

T, (Us/U=3.22)

1 1.25 15 175
Z(m)

Figure 9. Effect of inlet superficial velocity on bubble and emulsion temperature profiles / P-P model

(Equations (34)-(35), (38)-(40))

08 +

06 +

Xom

04 4

0.2 4

0.25 0.5 0.75

1 1.25 15 175

Z(m)

Figure 10. Effect of inlet superficial velocity on C2H4 conversion profile / P-P model (Equations

(34)-(35). (38)-(41)
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the reactor inlet, the greater the intensity of these
peaks (0.3 for Uo/Unt = 3.22 and 0.2 for Uo/Uns =
6) and the total consumption of C2H4 is achieved
at more backward positions in the reactor. In fact,
the lower the Up, the lower the molar flow rate of
reactants, so the conversion of reactants by
catalytic mass 1is greater, and the total
transformation of limiting reactants into products
requires less catalyst and less reaction volume.

3.4 Comparison between (P Model) and (P-P
Model) under Low Flow Conditions

Approach (P) is studied in this section in order
to evaluate the behavior of the converter in the
absence of limitations to the transfer phenomena
between the bubble and the emulsion. Figure 11
shows the effect of different feeding superficial
velocity on the thermal profile in the reactor for 7o
=460 K, for Tw = 500 K and for the other reactor
and catalyst feeding characteristics presented in
Table 4, adopting the (P) and (P-P) approaches.
According to this figure, the hot spots in the bed
corresponding to the (P model) are rather close to
those relating to the (P-P) emulsion phase, this
result is valid for both superficial velocities
examined. Indeed, the conditions at the reactor
inlet of the plug approach correspond well to the

800 -~
750
700

650

T(K)

600 4

550 4

500 .

ones present in the emulsion phase (P-P model) at
that converter inlet in terms of chemical species
concentrations and in terms of catalyst mass. This
implies, then, that the chemical reaction heat
release terms divided by reactor volume from
Equation (33) (-AH:r.rcensciz.(1-emoy)) and the term
corresponding to this energy release divided by
emulsion phase volume from Equation (40) (-
AH:.rcensciz.(1-emf).(1-0)) are identical at (z = 0),
which explains the pseudo-overlap between the
hot spots for the two models studied. For the plug
model, after the hot spot, the temperature
maintained along the rest of the reactor is the
temperature of the wall (Tw). This i1s because all
the limiting reactant is consumed at the reactor
inlet, which means that the term of heat released
by reaction in Equation 33 is cancelled out
throughout the rest of the installation, and the
prevailing temperature is therefore the one
maintained by the wall. The descriptions and
interpretations of the thermal profiles relative to
the (P-P model) have already been detailed and
discussed in the preceding paragraphs.

Figure 12 shows the evolution of Xcens along
the reactor for the same conditions as in Figure
11. This figure highlights the effect of limitations
of mass transfer between phases on reactor
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Figure 11. Effect of inlet superficial velocity on reactor thermal profile for (P) and (P-P) models
(Equations (32)-(34) (P) and Equations (34)-(35), (38)-(40) (P-P))
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behavior. Indeed, in the absence of these (P
model), all C2Hy is converted at the reactor inlet.
Because of these interphase mass transfer
resistances, almost half the reactor volume is
required for total C2Hs consumption if Uo/Uwns =
3.22, and almost 80% of the reactor is needed to
achieve total C2H4 consumption if Uo/Uns = 6.

4. Conclusions

The present study revealed that the CSTR
approach can correctly predict the behavior of
industrial  fluidized beds for ethylene
oxychlorination characterized by a turbulent
regime, given the good agreement between the
simulation results corresponding to the CSTR
model and the results corresponding to several
fluidized-bed converters dedicated to this
oxychlorination. It was also demonstrated that
the sensitivity analysis results for this model are
quite close to those of the (P-M) approach
validated in many studies in the literature.
Predicting the behavior of these fluidized bed
reactors under low flow conditions (Uy<<6.Umnt-
bubbling regime) by adopting the P-P approach
showed that under these conditions, thermal hot
spots with significant peaks are indeed present at
the converter inlet. In addition, solutions for
controlling this phenomenon by adjusting several
operating parameters (7o, Tw, U) were proposed.
Finally, a comparison of the (P-P) approach with
the (P) one highlighted the significant impact of
limitations to transfer phenomena on the process
under these conditions.
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