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Abstract

Today, hydrogen has become one of the most promising clean energy. Several processes allow obtaining hydrogen,
among them there is the Water Gas Shift (WGS) reaction. On an industrial scale, WGS reaction takes place at
high pressure [25-35 bar]. At high pressure, the cost of the process rises due to the energy consumed by compres-
sion, and the reduction in the lifetime of the equipment and the catalyst. At low pressures, catalyst lifetime can
reach many years and the energy cost is reduced. It is for this reason that we are interested in modelling and sim-
ulation of a WGS converter operating at low pressures close to atmospheric pressure. In this work, a numerical
study was conducted in order to determine the conditions allowing good rector operating at low pressure. A num-
ber of drawbacks of the process were identified. These drawbacks are essentially the non-negligible pressure drops
and the strong intraparticle diffusion resistances. The prediction of the concentrations and the reaction rate with-
in the pellet showed that the active zone of the pellet is located near the particle surface. It has also been shown
that the resistances to interfacial mass and heat transfer are insignificant. The study of pressure effect showed
that the pressure increase reduces the required catalyst mass to achieve equilibrium. Finally, this work revealed
that the decrease in temperature and the increase in the concentrations of the reactants by increasing their fluxes,
make it possible to increase the effectiveness factor of the catalyst and the conversion of carbon monoxide.
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1. Introduction (syngas), the WGS uses hydrogen from water
steam and carbon monoxide [1]. This reaction is
generally carried out in the presence of catalysts
based on metals, such as Cu, Fe, Ni, Pd, Pt, Rh
and Ru [2]. Metal oxides based on iron oxide or
copper oxide are also used in the catalysis of

this reaction [3].

Hydrogen is an ideal fuel due to its high-
energy content and its compatibility with the
environment. In order to generate this molecule
from fossil fuels, biomass or synthesis gas
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In order to increase the conversion of carbon
monoxide present in this balanced reaction,
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manufacturers are implementing WGS in two
fixed bed adiabatic catalytic reactors connected
in series and comprising an intercooler [4]. In
the first reactor, the reaction is carried out at
high temperature (350—-450 °C) in the presence
of catalysts based on iron oxide and chromi-
um(III) oxide (Cr203) [3]. In order to displace
the equilibrium, the second reactor operates at
lower temperatures (180-300 °C). Under these
low temperature conditions, the catalysts used
are based on copper or copper oxide with alumi-
na oxide promoters (Al203). The promoters keep
the catalyst from sintering [5]. This reaction is
present in many industrial processes such as:
DME synthesis [6], the Fischer-Tropsch Pro-
cess [7], ammonia production [3], methanol
synthesis [8] and Steam gasification processes
[5]. Typically, WGS is carried out on an indus-
trial scale at pressures between 25 and 35 bar
[9].

Several researches have been interested in
studying the chemical kinetics of this reaction.
The mathematical expressions obtained corre-
sponding to HT or LT catalysts often take the
form of a power law model comprising a factor
f taking into account the reverse reaction [10—
15]. This power law is widely used in modelling
and simulation studies, which are effective
tools in the design, diagnosis and optimization
of WGS reactors operation. The literature is
rich in a large number of works interested in
the numerical study of these converters using
several phenomenological models.

The least mathematically complicated mod-
els are the mono-dimensional pseudo-
homogeneous steady state models. These mod-
els do not take into account the limitations of
inter and intraparticle transfer phenomena,
that is why they are rather suitable for low vol-
ume reactors with small diameter catalytic pel-
lets (<0.5 mm) [15]. Maklavany et al. [16] de-
veloped a pseudo-homogeneous model with axi-
al dispersion to study the behavior of a small
isothermal reactor operating at low pressures
(1.2 - 1.65 bar) and at low temperatures. In this
study, a multi-objective optimization led to the
determination of the optimal operating condi-
tions giving a significant increase in hydrogen
productivity [16].

It should be noted that the fixed bed reac-
tors found in industry have large volumes and
large diameter catalytic pellets [15]. Under
these conditions, the resistances to inter and
intraparticle transfer of mass and heat should
be taken into account. To diagnose, size and
predict the behavior of these converters, the
mono-dimensional heterogeneous model offers
great precision for the design of reactors oper-

ating in steady state [17]. Many authors have
adopted this model for the study of WGS reac-
tors operating at medium and high pressures
[4,18-20]. These works have shown that gener-
ally, the catalytic pellet can be considered iso-
thermal, but the limitations to the intraparti-
cle transfer of mass cannot be neglected [4]. It
was also shown that choosing an optimal tem-
perature profile allows significant improve-
ments in the conversion of carbon monoxide
[18]. This model can correctly describe the be-
haviour of industrial reactors despite the pres-
ence of H2S in the reaction mixture [19]. The
use of the optimization rate Ro in thermal
management and in the design of the reactor
allows considerably reducing the catalytic
masses [20]. Another study was interested in
reactors operating at low pressures [1-4 atm]
and temperatures compared this model to 2D-
model. In this paper, it has been found that ra-
dial gradients of mass and heat can be neglect-
ed and that the 1D heterogeneous model is suf-
ficient for steady-state considerations [21].

When steady state is not achieved, the use
of a dynamic model to describe the behavior of
the reactor is necessary. Other conditions re-
quire the use of more than one-dimensional
models, such as: the non-adiabaticity of the re-
actor, the extreme exothermicity of the reac-
tion [18,22], or even, when the reaction is pro-
duced in a membrane reactor [23]. To study
these cases, other works adopting more com-
plex heterogeneous models were carried out
[15,23-25]. These studies highlighted the risk
associated with the possible overheating of cat-
alysts when starting up the industrial unit be-
fore reaching steady state [15], they show that
the location of a cooler inside the catalytic bed
affects carbon monoxide conversion [24], and
that one-dimensional models are not suitable
for the membrane reactor [23]. Thanks to the
3D model developed, it was also possible to pre-
dict the partial pressure distribution of hydro-
gen and carbon monoxide in the longitudinal
and radial direction of a cylindrical part of the
reactor [25].

Other numerical studies were conducted in-
dependently of the reactor as the Levent's theo-
retical study, which was carried out on a spher-
ical iron oxide-chromia catalyst pellet under
high pressure and temperature conditions.
This study revealed that the intraparticle tem-
perature gradients are much smaller than the
interfacial temperature gradients. At the same
time, i1t has been shown that the mass transfer
limitations within the pellet should not be ne-
glected when the temperature exceeds 600 K
[26].
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Those simulation and modelling studies al-
lowed a better prediction of the reactors behav-
iour and important optimization in their de-
sign. However, there are not many papers in
literature that have focused on studying the be-
havior of large-scale WGS reactors operating at
pressures approaching atmospheric pressure.
In fact, operating at this pressure conditions
can be useful, for instance in the steam gasifi-
cation process to recover the syngas leaving the
gasification reactor at low pressure [5]. In addi-
tion, operating at low pressures reduces energy
consumption due to the compression and in-
creases considerably the lifetime of the catalyst
[27,28]. At the same time, under these condi-
tions, the pressure drops compared to the inlet
pressure are not negligible [5,28], the catalytic
activity is disadvantaged [4,5,29] and the intra-
particular diffusion is governed by the Knudsen
regime [30,31]. Therefore, an in-depth numeri-
cal study of the behavior of reactors operating
at low pressure allowing the prediction of the
evolution of the various parameters in the Bulk
phase and inside the catalytic pellet is of great
importance. This kind of study makes it possi-
ble to define the operating conditions and the
characteristics of the catalyst and the reactor
necessary for the implementation of large-scale
WGS converters operating at pressures slightly
above atmospheric pressure. This work carried
out does adequately meet these purposes.

To achieve these objectives, several one-
dimensional models have been developed
(rigorous heterogeneous model, heterogeneous
model adopting the Thiele’s approach, and
pseudo-homogeneous model). To validate the
rigorous model that we have developed, we
compared the results obtained with the experi-
mental and numerical results that exist in the
literature.

The pseudo-homogeneous model was used to
predict the behavior of the installation without
the limitations to transfer phenomena and
Thiele’s approach was exploited in order to
evaluate the possibility of predicting the behav-
1or of the reactor in the simplest way.

In this study, we are interested in the eval-
uation of mass and heat transfer resistances
and their impact on the behavior of the con-
verter. In order to determine the active zone in
the pellet when the pressure level is low, the

Table 1. Catalyst characteristics.

intraparticle concentration and reaction rate
profiles were predicted for different axial posi-
tions in the reactor.

Finally, in order to study the effects of some
operating parameters on the yield of the pro-
cess, we have been interested in the effects of
the pressure, the temperature and the flow
rate of reactants on the effectiveness factor of
the catalyst and on various parameters at the
outlet of the reactor.

2. Chemical Kinetics and Characteristics
of the Catalyst

The WGS reaction is expressed by the equa-
tion:

CO+H,0=CO,+H, AHp 551, =—41.2kILmol™ (1)

The expression of intrinsic chemical kinetics
adopted here is proposed by Keiski et al. [12]:

—66578.512
1 =3714.5 exp(”] Ceo'Chio(1-8)  (2)
g
With:
8- Cco,Ch, 1 3
CCOCH20 K,
K,= exp(45;7'8 —4.33) (4)

where —rco is the rate of the WGS reaction
(mol.kg 1.s71), Rs is the universal gas constant
(8.3144 J.K-1.mol?), C; is the concentration of
species i (mol.m-3), and K. is the equilibrium
constant of the WGS reaction. The catalyst
used is based on Fe304-Cr203, the properties of
this catalyst are given in Table 1 [12].

3. Process and Modeling
3.1 Process Description

The catalytic reactor considered is an adia-
batic multi-tubular fixed bed reactor. These
tubes are packed with the catalyst and fed with
a reaction mixture with a flow of 2670.61
kg.h-1. This flux was chosen to study a feed
flux of real order of magnitude, because it cor-
responds to one of the total fluxes feeding the
pilot reactors as reported by van Dijk et al. [19]
and Rosner et al. [20].

Particle Density Thermal conductivity Intragranular  Average Pore
diameter Shape of solid of solid porosity pore size  tortuosity
(dp, m) (ps, kg.m™3) (s, W.m L. K1) (¢0) (dpore, m) O

2x10-3 Spherical 1945

0.48 9%x1079 4
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The characteristics of the reactor and the
specifications of the feed streams are presented
in Table 2. To study the effect of temperature
on the behaviour of the reactor, other simula-
tions were carried out for other feed tempera-
tures, while keeping the other operating condi-
tions and the same characteristics of the reac-
tor (Table 2).

The composition chosen corresponds well to
that studied to establish the kinetic expression
that we used in this paper and which is pre-
sented in Equation (2) [12], the H20/CO ratio
and the temperatures chosen also enter into
the range of H20/CO ratios and temperatures
tested for the establishment of this kinetic ex-
pression [12]. In addition, this composition is in
perfect agreement with that of the gas stream
at the outlet of a gas reforming reactor derived
from coal or biomass characterized by signifi-
cant hydrogen fractions [23]. The choice of the
high H20/CO ratio is motivated also by practi-
cal reasons. Indeed, when the H20/CO ratio is
low, there is formation and deposition of carbon
on the pellets leading to a deactivation of the
catalyst, which is not taken into account in the
models developed [32].

In order to evaluate the effect of the pres-
sure on the behavior of the reactor, other simu-
lations were carried out for different values of
the feed pressure (Po = 9.87 atm, Po = 4.93
atm), while keeping the other operating condi-
tions and the same characteristics of the reac-
tor (Table 2).

The study of the effect of the reactants flow
rates on the process required the realization of
other simulations for other reactants feed-
streams, while the other operating conditions,
the H20/CO ratio (H2O/CO = 5) and the charac-

Table 2. Characteristics of the reactor and
the feed stream taken into account in the
simulation.

Fixed bed reactor

Number of tubes (V) 317
Diameter of tube (D;, m) 0.09
Length of tube (L;, m) 1
Feed stream of species i (F;o, mol.s™1)
Fnso 7.097
Fhuzp 19.337
Frs0,0 12.095
Fcozo 4.977
Feoo 2.419
Feed stream operating conditions
Feed temperature (Ty, K) 650
Feed pressure (Py, Pa) 121560

teristics of the reactor have not been changed
(Table 2).

In order to validate the rigorous model de-
veloped, we carried out other simulations tak-
ing into account the operating conditions, the
characteristics of the reactors and the size of
the catalyst pellets as reported by Marin et al.
[23] and Sanz et al. [32].

3.2 Modelling

The calculation code used to solve this prob-
lem has been developed under Matlab soft-
ware.

3.2.1 Assumptions and justifications

We have considered that the catalyst pellets
are isothermal, because it was verified that
[26,33]:

AH 'De CO'CCOA'
ATmax = £ /{ ‘

(4

. AH D, 0o-Ceor <0.02K (5)

e

where, ATnax 1s the maximum temperature var-
iation between the center and the surface of
the pellet (K), AHr is the enthalpy of the WGS
reaction (J.mol1), D.co is the effective diffusion
coefficient of CO (m2.s71), Ccos is CO concentra-
tion at the surface particle (mol.m=3), Ccor is
CO concentration in the bulk phase (mol.m-3),
and A.is the effective thermal conductivity
(J.m1.s1.K1)

We can calculate the axial dispersion coeffi-
cient of CO (Dcour, m2.s71) by using equation
[34]:

EnlE
Do o :{b\/ib +0.5Jusdp (6)

Re.Scep

where, &5 is the porosity of the catalytic bed, Re
is the Reynolds number, Scco is the Schmidt
number of CO, and us is the superficial velocity
(m.s™1).

It has been found that Re>10,
(Ld/Dco,ax)>300 and the reactor is known to be
adiabatic. Under these conditions, we can ne-
glect the two modes of dispersion (axial and ra-
dial) [33]. Therefore, the use of one-
dimensional models without dispersions and
neglecting intraparticle temperature gradients
1s acceptable.

3.2.2 Catalyst pellet model

a. Rigorous model

The tortuous pores contained in the catalyst
pellets are sites of diffusive mass transfer and
chemical reaction. The intraparticle mass bal-
ance equations are written [6]:

Copyright © 2022, ISSN 1978-2993
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For the reactants:

1 d( ,dC
e,i I"_ZE[F Ej—l_pstresrCO =0 (7)

where, D.; is the effective diffusion coefficient
of species i (m2.s71), r is the particle radial coor-
dinate (m), and Fprs 1s the pressure scale-up
factor.

For the products:

1 d(,dC
De,i F_ZELF ;j_pstresrCO =0 (8)

In the center of the particle, the concentrations
of the reactants are minimal whereas the con-
centrations of the products are maximal. We
can then express the boundary conditions equa-
tions corresponding to this intraparticle posi-
tion (r = 0) as follows:

dcC,
o (r=0)=0 )

The pellet is surrounded by a film where
convective transfers of mass and heat take
place. One can then establish the equations of
the boundary conditions corresponding to the
surface of the particle (r = R) as follows:

dcC.
KC,i(Ci,f _Ci,s):De,id_rl(r:R) (10)
hA, (T, =T, ) =7 p,F,, o AH.,V, an
= 773 rC Os P, S F pres AH r Vp

where, Kci 1s the mass-transfer coefficient of
species ¢ (m.s71), Cisis the species i concentra-
tion in the bulk phase (mol.m=3), Cis is the spe-
cies i concentration at the surface particle
(mol.m=3), h i1s the heat-transfer coefficient
(J.s71.m2.K™1), A, is the particle surface (m2), T
1s the temperature of the surface of the pellet
(K), T 1s the temperature of the bulk gas (K), 7
is the apparent reaction rate (mol.kg-l.s71), V,
is the particle volume (m3), 75 is the Particle ef-
fectiveness factor, and rcos is the reaction rate
under surface conditions (mol.kg-1.s71).

At steady state, the rate of reactant con-
sumption within the particle i1s equal to the
rate of mass fluxes transferred from the Bulk
to the particle exterior surface [30]. We can
then arrive at the following equation valid for
the reactants:

h(T,~1;)=-D

e,

—ri(r=R)AHr (12)

where, R is the particle radius (m).
For the products, we use the following equa-
tion:

dc,
h(Ts—Tf)zDe,iW(rzR)AH, 19

The intraparticle and the surface of the cat-
alyst concentrations of the various chemical
species involved in the reaction, as well as the
surface temperature are obtained by solving
the system of Equations (7)—(10) and Equation
(12) applied to carbon monoxide. To perform
this resolution, we adopted the orthogonal col-
location method, which is the most suitable
technique for this kind of differential equations
(diffusion-reaction) [35]. Resolutions are done
using different numbers of internal collocation
points. The concentrations obtained corre-
sponding to the points of collocation (internal,
in the center of the pellet and at the surface of
the pellet) are exploited to estimate the reac-
tion rates within and at the surface of the par-
ticle, which makes it possible to calculate the
overall effectiveness factor (7.) using the equa-
tion [30]:

1

Teor V)

R 2
n,= .[0 Teo(r).4mr-dr (14)
where, rcor 1s the reaction rate under Bulk con-
ditions (mol.kg-1.s71), which is calculated using
the Bulk phase concentrations and tempera-
ture:

—66578.512 | 054 01 Ceo,rCry 1
—ra)/~=F,ex37l4.5exp[]CCOfCHZOf l-——2—1 (15
g RgT./ CCO/ CHZO/' K, ( )

b. Generalized Thiele’s model

This approach is adopted by some authors
to study the behavior of fixed bed catalytic re-
actors. For example, the WGS reactors [24], or
even the converters of dehydrogenation of 1-
Butene into Butadiene [36]. This model can be
relatively misleading in the case of the inter-
mediate regime [37], but remains relatively
less complicated mathematically than the rig-
orous model.

Thiele's modulus (@) is expressed by the fol-
lowing equation [37]:

dp
Z (_” COs )
CDS = Ceos 0.5 (16)
(2De,co Cc; ;’ _”codccaj

The particle effectiveness factor is calculated
using the mathematical expression:

1 1 1
= (Ds(tanh(BCDS) 30, J (a7

It 1s possible to make some simplifications to
express Crz0, Ccoz and Cre according to Cco
[36].
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- for H20:
De,CO
Ci,0 =Chyos + D—(CCO - Cco,s) (18)
e,H,0
- for the products:
De
C=C+ D’CO (Ceos —Cco) (19)

e,
Dividing Equation 12 or 13 over Equation 10
expresses Ci, in terms of C;y, T, and T7.
- for the reactants, we have the following ex-
pression:

h
C =C ,+——(T.-T
i,s if KC’iAHr ( s f) (20)
- for the products, we use the equation:
h
Ci,s = Ci,f K. AH (T =T, ) (21)

To calculate the overall effectiveness factor
from the particle one, we use the expression:
7,
7, = NsTcos _ T (22)
Tco,y  Tco,r

Equations (11) and (16)—(22) are used in an it-
erative calculation in order to be able to calcu-
late .. The calculation of Ccoe, is done by solv-
ing the equation rco= 0 using the Newton-
Raphson’s method.

3.2.3 Fixed-bed reactor model
a. One-dimensional heterogeneous model [38]:

The equations of the model are derived from
the continuity equation for the key component,
CO, and the steady-state system energy bal-
ance, as follows:

Mass balance:

dXCO _ _ﬂerCOFprespBS
dz Froo

(23)

where, Xco 1s the carbon monoxide conversion,
Z is the reactor axial coordinate (m), pgz is the
apparent density of the bed (kg.m-3), and S is
the reactor tube cross section (m2).

Energy balance for an adiabatic reactor:

FC
2z p’dZ

where, C,i is the heat capacity at constant pres-
sure of species i (J.mol-1. K1), and T is the tem-
perature (K).

The validation of the rigorous model re-
quired the establishment of an energy balance
for an isoperibolic reactor:

dr
EC
) 7

eAHRrCOFprespBS (24)

AH rCO respBS h ﬂ-D (T—T;‘) (25)

where, h, 1s the wall heat transfer coefficient

(W.m—2.K-1), and T, is the wall temperature

K).

The pressure drop along the bed is evaluated

by using Ergun’s equation'
dP pu
dZ I d

P

(26)

where, P is the pressure (Pa), f is the friction
factor, and p is the density of fluid (kg.m=3).

To perform the numerical resolution, we
first divide the axial length of the reactor tube
into 200 sections. At the inlet of each section,
the effectiveness factor 1is calculated
(paragraph 3.2.2). Subsequently, this factor is
introduced into the ordinary differential Equa-
tions (23) and (24) for an adiabatic reactor, or
into the ordinary differential Equations (23)
and (25) for an isoperibolic reactor. The ODE
system (Equations (23), (24), and (26)) for an
adiabatic reactor, or the ODE system
(Equations (23), (25), and (26)) for an isoperi-
bolic reactor was solved by the RK4 method.
Through this procedure, the effectiveness fac-
tor corresponding to each section is determined
and therefore the effectiveness factor profile
along the installation, as well as the carbon
monoxide conversion profile, temperature pro-
file and pressure profile. The validation of the
rigorous model required also the study of an
isothermal reactor. In this case, the Equations
(24) and (25) were not used.

b. Mono-dimensional pseudo-homogeneous
model [38]:

The System of ordinary differential equa-
tions related to this model is the same as that
presented in the previous paragraph, but with
ne = 1. Therefore, the numerical method used is
the same, but without the need to calculate the
effectiveness factor.

3.2.4 Complementary equations

Table 3 shows the formulas and equations
used for the estimation of the other parameters
corresponding to the models studied.

4. Results and Discussion

4.1 Estimation of the Effectiveness Factor and
Determination of Resistance Limiting Transfer
Phenomena

Figure 1 shows the profiles of the overall ef-
fectiveness factor 7., along the reactor using
the rigorous model and adopting different
numbers of internal collocation points. We no-
tice that the 3 profiles are close and that the ef-

Copyright © 2022, ISSN 1978-2993




Bulletin of Chemical Reaction Engineering & Catalysis, 17 (2), 2022, 310

Table 3. Correlations and auxiliary equations.

Diffusion coefficients

0.5
R T
D,; =4850d,,,,| — L feii0 @) i1 dpewith (=— & (28 [30,31]
M, =t PN o272

where, M; is the molecular weight of species i (kg.mol 1), [ is the mean free path (m), N4 is the Avoga-
dro constant (6.02214076%1023 mol-1), and o is the average diameter of molecules (m).

-1
D, =(1—y,-)(21 ; L] (29) [18]

J=LiEi D
L]

where, D;» is the molecular diffusion coefficient in the gas mixture (m2.s71), D;; is the binary diffusion
coefficient (m2.s71), and y; is the mole fraction of component i. The formulas related to the calculation
of D;; are available in [18].

Thermal conductivities

A=Ay | 60+ I=ec +0.756. PrRe | (30) [39]
0.139s —0.0339+6.6674,

where, Ag is the gas-mixture thermal conductivity (J.m-1.s"1.K-1), and Pr is the Prandtl number.

2 AvAIM;
with: A, =L (31) [16]
I

where, A; is the thermal conductivity of species i (J.m1.s71.K-1). The expressions of A; according to the
temperature are detailed in [15].

Viscosities

N Yik;
lLl :Zl: -
s, M 62 [16]
Jj=17J M.

where, u is the dynamic gas-mixture viscosity (kg.m-1.s71), and u;is the dynamic viscosity of species i
(kg.m1.s71). The expressions of u; according to the temperature are given in [15].

Heat capacities

YiCi .
c, =ZM” (33) with: M, =Y y,M; (34) [33]

where, C, isthe specific heat capacity of the gas mixture (J.kg-1. K1), and M, is the molecular weight
of the gas mixture (kg.mol-1). The expressions of Cp; according to the temperature are detailed [15].

Flow rates and velocities

F

reactant

=Fo—FeooXco (35), F Fio+FeooXco (36) (28]

product =1,

G
G=Y", il 1(37) u=" (39 with: p=ﬁ2,1y,-M,» (39) [33]

where, G is the superflcial mass velocity (kg.m=2.s71),

Dimensionless numbers

C
Gy (40), pr = HCr Se = (49) [33]
M ﬂ’g pDi,m

Re =
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Table 3. .... (continued)....

Bed porosity

2
£,=038+0.07|1-=2—=| (43)

- [19]
D,
d,
Mass and heat transfer coefficients
_ 454
Ko =uSc; % Re 0! u (44) [33]
1 gB
h=12K.S¢/* Pr7 pC, (45) [30]
Molar concentration of species i
y.P
Cc =2
(= (46) (28]
g
Pressure scale-up factor
( _P(atm)j
0.5
_ 250 47 15
F ., = P(atm) (47) [15]
Bed density
ps=(1=¢5)p, (48 [38]
Heat of reaction
4 T
AHp ==4.12x10%+ [ (C, 0, +Cp . =Cpc0=Cpir0)dT (49) [15]
Friction factor
l-¢&g 1-¢g .
f=—="|a+b with: @ =1.75 and b = 150 (50) [38]
Ex Re
Catalytic mass Corresponding to a longitudinal position Z
wWZ)=8.2Z.pz (51) (28]
where, w is the mass of catalyst (kg).
Resistances to external heat and mass transfer
Cror —Crpq T -T
fe — o —COs (52), a, -5 7 (53) [30]
CCOf Ty

where, f: is the fraction of resistance to external mass transfer, and a. is the fraction of resistance to

external heat transfer.
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fectiveness factor profiles corresponding to 7
and 8 points are almost identical. In the rest of
this work, we adopt the results corresponding
to 8 internal collocation points.

From this figure, there is a decrease in the
effectiveness factor along the installation until
the equilibrium is reached (Z = 0.245 m), where
this factor stabilizes at a value of 0.156. This
drop in 7., which signifies an increase in re-
sistances to transfer phenomena, may be due to
several reasons, such as: the increase of tem-
perature or even the evolution of the concentra-
tions of the different chemical species involved
in the reaction along the reactor. We are going
to explain this decrease in the effectiveness fac-
tor in more detail later in this paper.

In order to determine the resistances to the
transfer phenomena responsible for these low
values of n., we first evaluated the resistances
to the mass transfer and interparticle heat. To
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Figure 1. Overall effectiveness factor (5.) vs.
reactor length (Z(m)).
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Figure 2. Fraction of resistance to external
mass transfer (f.) vs. reactor length (Z(m)).

do this, we estimated the profile of f. and
along the reactor (Figures 2 and 3).

Figure 2 shows that f. at the inlet of the re-
actor has a low value which is less than 6x10-3
and decreases further when moving forward in
the reactor to the longitudinal position of 0.3,
where f. becomes zero and keeps this value
through the installation. @ also follows the
same trend, but with an even lower value at
the reactor inlet (a. = 3.35x1074) and canceling
out at the same longitudinal position as before.
The decrease in f. and @, and therefore, the de-
crease in the concentration and interparticle
temperature gradients, is the consequence of
approaching the equilibrium (chemical and
thermodynamic) by advancing in the reactor.
These very low values of f. and «. indicate that
the resistances to interparticle transfer of mass
and heat are negligible. In addition, the grain
has been shown to be isothermal, which results
in the absence of heat transfer resistances
within the pellet. Therefore, the system is dom-
inated by intraparticle diffusional resistances.

4.2 Validation of the Proposed Model

In order to validate the rigorous heterogene-
ous model developed, we proceeded to the com-
parison of the results obtained with the experi-
mental and numerical results we found in the
literature, under similar operating conditions.
The first comparison was made with the exper-
imental study conducted by Sanz et al. [32],
which is carried out on a laboratory fixed-bed
isothermal reactor. We took into consideration
all the operating conditions and the character-
istics of the catalyst and the reactor, which are
detailed in reference [32]. For the catalytic par-
ticle model, we used our spherical grain model,
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Figure 3. Fraction of resistance to external
heat transfer (oe) vs. reactor length (Z(m)).
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considering that the diameter is that of the
equivalent sphere to the cylindrical particle
used in the study [32]. Figure 4 presents the
experimental conversions and those obtained
by simulation for a temperature of 623 K, a ra-
tio H20/CO = 1 and for different (GHSV) (the
ratio of the feed volumetric flow rate at stand-
ard conditions to the total catalyst volume).
Figure 4 shows the good agreement between
the experimental results of reference [32] and
those of the numerical simulation that we ob-
tained, and this, despite the fact that the pro-
posed model relatively overestimates Xco (the
average difference compared to the experiment
1s 11%). This overestimation can be explained
by several reasons, such as: (a) The fact that
the reactor of the laboratory studied does not
behave like an ideal plug reactor, given the ex-
istence of dispersive phenomena not taken into
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Figure 4. Comparison of simulation results of
this study with experimental results of Sanz’s
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account by the model developed; (b) The fact
that the model does not take into account the
possible reduction in catalytic activity due to
the formation of carbon on the catalyst. The
probability of this hypothesis is not negligible,

0k .

Z(m)
Figure 5. Comparison of simulation results of
this study with simulation results of Marin’s
et al. [23] study.
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especially since the H20/CO ratio imposed in
the experimental study is low (H20/CO = 1)
[32].

The second comparison was made with the

numerical study carried out by Marin et al. [23]
who studied the case of an isobaric isoperibolic
pilot reactor. We took into account all the oper-
ating conditions and the characteristics of the
catalyst and the reactor detailed in [23]. Figure
5 shows the profile of the carbon monoxide con-
version along the reactor obtained by Marin et
al. [23] and this we obtained in the present
study. According to the same figure, the differ-
ence between the two curves is acceptable even
if our model slightly underestimates Xco com-
pared to the numerical study of Marin et al.
[23] (an average difference of —7%). The differ-
ence between the two results can be explained
by the difference between the models used to
predict the intraparticle concentration and
temperature profiles in each of the two studies.
In fact, unlike our study in which a rigorous
heterogeneous mono-dimensional model was
adopted, in the study of Marin et al. [23], the
model used 1is heterogeneous non-rigorous
mono-dimensinal based on an expression of the
apparent reaction rate taking into account re-
sistances to intraparticle mass and heat trans-
fers [23]. To conclude, this comparative study
shows that there is a good agreement between
the results found in the literature and those
obtained by using the proposed model in this
study.

06

!
05f |
|

o Lo ===~ Rigorous heterogeneous
So M Thigle

i

f -==-- Pseudo-homogeneous

02

0 L L L L L L L L n
0 01 0z 03 04 05 06 07 08 0.9 1

Z(m)
Figure 6. CO conversion (Xco) vs. reactor
length (Z(m)).
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the equilibrium. According to this figure, as for
Xco, the temperature increase is slow for the
heterogeneous models compared to the pseudo-

4.3 Determination of the Profiles of Xco, T, and
P Along the Reactor and Comparison between
the Studied Models

Figures 6-8 show the profiles of Xco, T, and

P along the reactor using different models:

pseudo-homogeneous, heterogeneous rigorous

and heterogeneous adopting Thiele’s approach.

Figure 6 shows that whatever the model, the fi-

nal conversion tends towards the same value

imposed by the equilibrium (0.54), but the evo-

lutions inside the reactor remain different. In-

deed, due to intraparticle diffusional re-

sistance, the conversion in heterogeneous mod-

els progresses slowly compared to the pseudo-
homogeneous model. For the rigorous heteroge-
neous model, the equilibrium conversion rate
corresponds to a longitudinal position close to Z
= 0.245 m corresponding to a catalytic mass of
589.67 kg, while for the generalized Thiele’s
model, the longitudinal position corresponding
to the equilibrium is close to Z = 0.265 m, the
catalytic mass necessary to reach this equilibri-
um 1s 637.81 kg. In the absence of intraparticle
diffusional resistance (pseudo-homogeneous
model), chemical equilibrium is reached at a
longitudinal position close to Z = 0.045 m,
which corresponds to a catalytic mass of 108.3
kg. This clearly shows the detrimental effect of
these diffusional resistances on the catalytic ac-
tivity, and consequently, on the cost of the con-
verter.

As this is an exothermic reaction taking
place in an adiabatic reactor, the temperature
along the installation increases until it reaches
the equilibrium temperature (680 K), then it
remains constant (Figure 7). For each model
studied, this temperature is obtained at the
longitudinal position corresponding to Xco at
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Figure 7. Temperature (7T(K)) vs. reactor
length (Z(m)).
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homogeneous model. This result is due to the
fact that the heterogeneous models take into
account the intraparticle diffusional resistance.
In fact, these resistances slow down the reac-
tion rate, which reduces the heat flow given off
by the reaction, and consequently, this slows
down the rise in temperature along the reactor.

It is also specified that this equilibrium
temperature remains without adverse effect on
the catalyst. In fact, the temperature should
not exceed 823 K. If the temperature is very
high, the catalyst will be rapidly deactivated by
sintering of the particles [5].

Figure 8 shows linear pressure drops along
the reactor which are almost the same for the
three models (dP/dZ =~ —10440 Pa.m™!). This
leads to the conclusion that in the case studied,
the slowing of the temperature rise caused by
intraparticle diffusional resistances has no sig-
nificant effect on the pressure drop along the
reactor. The pressure drop at the outlet of the
reactor 1s =8.67% of the inlet pressure. This
value remains relatively high and exceeds the
maximum admissible pressure drop in this
type of reactor operating at such a pressure
level (APnax = 5%) [16]. It must be said that one
of the major disadvantages of pressure drops is
the increase in the speed of passage of the reac-
tion flow through the catalyst bed, because this
leads to a decrease in the contact time, and
therefore, in the catalytic activity [5]. In addi-
tion, as has already been mentioned, the kinet-
ics of the WGS is favorable to the pressure;
therefore, a drop in the pressure decelerates it.
In this studied case, mainly because of this
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Figure 8. Pressure (P(Pa)) vs. reactor length
(Z(m)).
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pressure drop, the flow rate increases by
14.46% and the pressure scale-up factor, Fpres,
drops by 4.35% between the inlet and the outlet
of the reactor. Despite this, simulating the con-
verter without considering the Ergun’s equa-
tion did not reveal any significant change in
the profiles of T'and Xco.

Figures 6-8 also show that results corre-
sponding to the two heterogeneous models are
very close, which leads to the conclusion that
the simple Thiele’s approach makes it possible
to correctly describe the behavior of the reactor.
This result is expected, because Thiele's ap-
proach is based on the domination of the strong
diffusional regime [30,37] and the studied case
corresponds well to this regime (low values of 7.
and domination of intraparticle diffusional re-
sistances).

4.4 Evaluation of the Effects of Intraparticle
Diffusional Resistance on Reaction Rate and on
Intraparticle Concentration Profiles.

In this paragraph, the rigorous heterogene-
ous model was exploited to study the impacts of
intraparticle diffusional limitations on reaction
rate and on intraparticle concentration profiles.
Figure 9 shows the apparent and intrinsic reac-
tion rate profiles. We specify that the apparent
reaction rate is that taking into account the in-
tragranular diffusional resistances correspond-
ing to i (Equation (22)). Meanwhile, the intrin-
sic reaction rate is that without diffusion ef-
fects calculated using the bulk phase concen-
trations and temperatures corresponding to r-
cos (Equation (15)).

We see a drop in these two rates along the
reactor until reaching the equilibrium, where
—rco keeps a zero value for the rest of the reac-
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Figure 9. Reaction rate (-rco

(mol.kg.cat-1.s71)) vs. reactor length (Z(m)).

tor. Indeed, even if the temperature increases
the reaction rate constant K, under the effect of
the reduction of the chemical driving force
caused by the decrease in the concentrations of
the reagents, the increase in the concentrations
of the products and of the decrease in the equi-
librium constant caused by the rise in tempera-
ture, the reaction rate decreases. This figure
also shows that at Z = 0.245 m, the apparent
reaction rate becomes almost negligible, which
confirms that the equilibrium is very close to
this axial position. We also notice that because
of intraparticle diffusional resistance, the dif-
ference between the two types of reaction rate
1s important. In fact, the apparent reaction
rate is 4-6 times slower than the intrinsic reac-
tion rate.

Giunta et al. [4] observed this simultaneous
decrease in the reaction rate with the drop in
the effectiveness factor along an adiabatic
WGS reactor also. To explain this result, the
intraparticle concentrations profiles of the dif-
ferent chemical species involved in the reaction
and the reaction rate profiles within the cata-
lyst particle for different reactor axial positions
were determined.

The intraparticle concentration gradients of
CO, COg, Hs, and H30 at the inlet of the reac-
tor are shown in Figure 10. These gradients
clearly mean that intraparticle diffusional re-
sistances are present. Unlike reactants, whose
concentrations decrease with penetration into
the pellet, for products, the more one goes to-
wards the center of the pellet, the more their
concentrations increase, this is due to the con-
version of the reactants inside the catalyst.
Figure 10 shows also that the active zone,
place of these concentration gradients, and
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Figure 10. concentration profiles within the
catalyst particle (Z = 0).
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therefore concerned by the diffusion and by the
chemical reaction, is located between the sur-
face and 0.6 mm from the center of the pellet.
Below this radial position, the concentration
profiles are flat and thus signal the absence of
diffusional activity and the cancellation of reac-
tion rate. By advancing inside the reactor, un-
der the effect of the rise in temperature, the de-
crease in the concentrations of the reactants,
the increase in the concentrations of the prod-
ucts and the decrease in the reaction rate, the
equilibrium (thermodynamics and chemical)
within the pellet is reached at radial positions
further and further from the center of the pel-
let. These results from the increasingly flatten-
ing intraparticle concentration profiles (Figures
10-12) and the production of the reaction closer
and closer to the pellet surface. This means
that less reactants can diffuse into the interior
of the pore, resulting in reduced active area
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Figure 11. Concentration profiles within the
catalyst particle (Z = 0.05 m).
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Figure 12. Concentration profiles within the
catalyst particle (Z = 0.245 m).

(Figures 10-12). This narrowing of the active
area widens the difference between the intrin-
sic and the apparent reaction rate, thus lead-
ing to the decrease in the effectiveness factor
(Figure 1). At Z = 0.245 m, the equilibrium is
almost reached in the reactor, so the rate of the
chemical reaction is cancelled out and intra-
particle diffusion stops, which explains the flat
concentration profiles shown in Figure 12.

As shown in Figure 13, there is a decrease
in intraparticle reaction rate with penetration
inside the particle which is due to resistance to
intraparticle diffusion. Figure 13 shows also
that because of the decrease in the reaction
rate with progress through the reactor, reac-
tion rates on the surface and within the pellet
decrease. It is also seen that the narrowing of
the active zones with advancement in the reac-
tor results in the widening of the intraparticle
space in which —rco = 0. In fact, at the reactor
inlet, —rcos = 0.0185 mol.kg.catl.s71 and the ac-
tive zone is located at [r = 0.6x103 m — r = 103
m|], at Z = 005 m, -rcos = 0.01416
mol.kg.cat-1.s"! and the active area is reduced
to [r=0.7x103 m — r = 1073 m] and finally to Z
= 0.245 m, the reaction rate at the surface of
the pellet drops to 4.3x104 mol.kg.cat1.s! and
the active zone becomes very thin [r = 0.9x10-3
m—7 =103 m].

4.5 Evaluation of the Effects of Pressure on the
Reactor Behavior

Figure 14 shows the evolution of Xco along
the reactor for different inlet pressures. It is
clear that with the rise in pressure, the axial
position to reach the conversion at equilibrium
(0.54) 1s reduced. therefore, the catalytic mass
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Figure 13. Reaction rate profiles within the
catalyst particle for different reactor axial
position.
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necessary to reach this conversion decreases
from 589.67 kg for the inlet pressure of 1.2 atm
to 144.4 kg for the inlet pressure of 9.87 atm.
This result is explained by the increase in the
reaction rate at the inlet of the reactor and in
the axial positions increasingly close to this in-
let with the rise in pressure, because this rise
in pressure allows both increase the Scale-up
factor (Fprs) and the reactant concentrations
(H20, CO). With this rise in the reaction rate
towards the inlet of the installation, the con-
sumption of the reactants and the achievement
of equilibrium occurs increasingly close to the
inlet of the converter.

Figure 15 shows the evolution of the effec-
tiveness factor along the reactor for these dif-
ferent feed pressures. We notice that the in-
crease in pressure reduces the effectiveness fac-
tor along the reactor, but this reduction in ne
does not inhibit the accelerating effect of the
pressure on the reaction rate at the inlet of the
converter and in the axial positions close to the
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Figure 14. CO conversion (Xco) vs. reactor
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reactor entrance. One can explain this drop in
the efficiency factor by the fact that the rise in
pressure accelerates the intrinsic reaction rate
while it has no effect on the effective diffusivi-
ties.

The simulation results also showed that
with the rise in pressure, the maximum tem-
perature reached in the reactor does not in-
crease significantly, and that the pressure
drops become negligible (AP<1% for Py = 4.93
atm and Py = 9.87 atm). Finally, these simula-
tions did not reveal significant external resis-
tances to mass and heat transfer (fena<0.05
and ema<0.003).

4.6 Evaluation of the Effects of Feed Tempera-
ture and Reactants Feed Stream on the Reac-
tor Behavior

Table 4 shows the effects of the feed temper-
ature on the overall effectiveness factor of the
catalyst at the inlet of the reactor and on dif-
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Figure 15. Overall effectiveness factor (5.) vs.

reactor length (Z(m)) for different inlet pres-
sures.

Table 4. Effect of feed temperature on reactor behaviour.

T(Z=0) n. (Z=0) T(Z=Ly) Xco (Z = Ly) AP (%)
600 0.386 0.674 8.15
620 0.32 0.6233 8.44
635 0.2795 0.583 8.7
650 0.2451 0.54 8.8
664 0.2178 0.502 9.2

Table 5. Effect of feed stream of reactants on reactor behaviour.
Freactant (Mol.s71) ne (Z=0) T(Z= Ly Xco (Z = Ly) AP (%)
7.26 0.2002 0.07 6.6
10.8731 0.2276 0.39 7.8
14.514 0.2451 0.54 8.67
18.2205 0.2569 0.627 10.4
21.78 0.2659 0.682 12
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ferent parameters at outlet (conversion of CO,
temperature, percentage of pressure drop re-
ported to the inlet pressure. Table 5 shows the
effect of the reactants feed stream on the same
parameters. It should be noticed that in all the
simulations presented in this section, equilibri-
um is reached before reaching the outlet of the
rector, i.e. the Xco (Z = Ly) and T (Z = L) pre-
sented in these two tables correspond to Xco
and T'in the equilibrium.

According to Table 4, the higher the feed
temperature is, the lower the effectiveness fac-
tor at the inlet of the reactor is. This result is
due to the fact that the rise in temperature
causes an increase in the reaction rate constant
K, while the effect of temperature on the effec-
tive diffusivities is not significant. This result
1s consistent with the results of several studies
found in the literature on the effect of tempera-
ture on effectiveness factor [40,41]. According
to Table 4, the rise in temperature causes a de-
crease in the conversion at the outlet of the re-
actor, because, according to Le Chatelier's prin-
ciple [30], to oppose the increase in tempera-
ture, the equilibrium is shifted in the direction
of the reverse reaction, which leads to the con-
version drop. It is also noticed that the temper-
atures at the outlet of the reactor, mentioned in
the table, remain bearable by the catalyst and
that the rise in temperature does not have a
great influence on the pressure drop in the re-
actor.

According to Table 5, it can be observed that
the effectiveness factor increases with the in-
crease of the reactants feed streams. In fact,
this rise in reactants flow rates is accompanied
by a rise of the reactants concentration. Under
these conditions, the consumption of the reac-
tants requires larger active zones to reach equi-
librium within the pellet, which leads to the in-
crease in n.. The rise in reactants concentra-
tions increases the reaction rate at the inlet of
the reactor. Because of this increase, the con-
version and the temperature required for the
cancellation out of the reaction rate, and there-
fore, for the achievement of the equilibrium,
rise as shown in Table 5. It can also be seen
that these temperatures remain bearable by
the catalyst. Finally, as in agreement with
Ergun’s equation, the increase in the feed vol-
ume flow rate, and hence the increase in the
superficial velocity, leads to an increase in the
pressure drop in the reactor.

The simulation results presented in this
paragraph did not reveal significant interfacial
resistances to mass and heat transfer, as f. does
not exceed 6.6x103 and «. does not exceed
5x104. Other parameters can also affect the

process performance such as the thermal re-
gime in the reactor, the size and shape of the
catalytic particle and the composition of the
catalyst.

5. Conclusion

This work constitutes a numerical study fo-
cusing on the modelling and simulation of a
WGS adiabatic catalytic reactor operating at
low pressures (1.2-1.097 atm). Through this
study, we were able to evaluate the behaviour
of this converter when the pressure level is
close to atmospheric pressure. The rigorous
model developed for this study has been vali-
dated with experimental and simulation re-
sults published in the literature. Under the
conditions of low pressures studied, the re-
sistances to interfacial mass and heat transfer
are very low and the rise in temperature in the
reactor is bearable by the catalyst. On the oth-
er hand, the pressure losses exceed the tolera-
ble limit and the intraparticle diffusion re-
sistances are important. In this case of strong
diffusional regime domination, the effective-
ness factor of the catalyst is low, and therefore,
the catalytic mass necessary to achieve the de-
sired carbon monoxide conversion is high. This
study showed that even if the increase in pres-
sure causes a decrease in the effectiveness fac-
tor, the higher the pressure, the more the cata-
Iytic mass necessary to achieve the conversion
at equilibrium 1s reduced. This study also re-
vealed that it 1s possible to reduce the intra-
particle diffusional limitations and to improve
the process yield by acting on the feed temper-
ature and on the reactants feed stream. For a
good improvement of reactors operating at low
pressures, the egg-shell catalyst can be ex-
plored. In fact, thanks to this catalyst, it is pos-
sible to have a large particle size which reduce
the pressure drops. At the same time, given
that it has been shown that the diffusional re-
sistances are strong, that a large part of the
volume of the catalytic particle is inactive and
that the active intraparticle zone concerned by
the diffusion and by the chemical reaction is lo-
cated close to the surface, the use of the egg-
shell technique, allows to reduce catalyst us-
age, and the intraparticle diffusional resistanc-
es thanks to the thin active catalytic layer coat-
ing the inert spherical support characterising
this type of catalyst. As a perspective for this
study, it seems very useful to model and simu-
late a WGS converter operating at low pres-
sures in the presence of this type of catalyst.
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